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ABSTRACT 


Computer  simulations  have  shown  that  membrane  separation  processes  can  be  used 
effectively  to  remove  C02  from  exhaled  air  in  an  underwater  breathing  apparatus.  Membrane 
separation  processes  are  based  on  the  selective  permeation  of  the  components  of  a  gas  mixture 
through  nonporous  polymer  membranes. 

A  permeator  module  provided  with  membranes  in  the  form  of  asymmetric  or  "composite" 
hollow  fibers  is  best  suited  for  C02  removal  from  exhaled  air.  The  operation  of  such  a 
permeator,  designed  to  reduce  the  C02  concentration  in  exhaled  air  from  about  4  mole-%  to 
1  mole-%,  has  been  simulated  in  order  to  determine  its  optimum  dimensions  and  membrane  area 
requirement.  The  exhaled  air  will  flow  in  such  a  permeator  in  an  axial  direction  inside  the 
hollow  fibers,  while  the  external  surface  of  the  fibers  will  be  in  contact  with  sea  water.  The 
fraction  of  the  exhaled  air  permeating  tiirough  the  hollow  fibers  (the  "permeate")  will  be 
enriched  iti  C02  which  will  be  dissipated  in  the  sea  water. 


Aaoaasion  For 

z 

HTIS  GRAM 

DT1C  TAB 

□ 

Unarm  ounood 

G 

Justification - 

By - - - - 

r 


\ 


Distribution/ _ 

Ava  i  lab  ilit  y_Code_B_ _ 

Avail  and/or 
Diet  I  Special 


This  document  his  been  coproved 
for  public  isitjcc  .ind  sale-, 
it’d  distribution  is  unlimited 


V. 


,  V 
>  O  • 


SUMMARY 

omputer  simulations  have  shovm  that  membrane,  separation  processes  can  be 
used  effectively  to  remove  CO^  ;  from  exhaled  air  in  an  underwater  breathing 

Ct 

apparatus.  Membrane  separation  processes  are  based  on  the  selective  permeation 
of  the  components  of  a  gas  mixture  through  nonporous  polymer  membranes^ 

^ A  permeator  module  provided  with  membranes  in  the  form  of  asymmetric  or 
"composite"  hollow  fibers  is  best  suited  for  CO^  removal  from  exhaled  air.  The 
operation  of  such  a  permeator,  designed  to  reduce  the  CO^  concentration  in 
ext  ilea  air  from  about  4  mole-Z  to  i  mole-X,  has  been  simulated  in  order  to 
determine  its  optimum  dimensions  and  membrane  area  requirement.  The  exhaled 
air  will  flow  in  such  a  permeator  in  an  axial  direction  inside  the  hollow 
fibers,  while  the  external  surface  of  the  fibers  will  be  in  contact  with  sea 
water.  The  fraction  of  the  exhaled  air  permeating  through  the  hollow  fibers 

(the  "permeate")  will  be  enriched  in  CO^,  which  will  be  dissipated  in  the  sea 
water.  /AfmW  fit  S-e  J)cur«A\6U  Co  irjpufcr, 

U  \  f  If  Yt  r ^  C  Cvt  0  \  \  A"frv)i£p}\<rY 

It  was  assumed  that  the  hollow  fiber  membranes  will  be  made7  from  either  '  ,yf 

ethyl  cellulose  or  an  acrylonitrile/butadiene  copolymer,  and  that  their 


effective  thickness  will  be  1000  A.  For  an  exhaled  air  rate  of  60  ltr(STP)/ 

Tffh  (corresponding  to  a  medium  diver  work-load),  the  required  membrane 

9 

area  will  be  only  about  14  ft  if  the  membrane  is  made  of  ethyl  cellulose. 

2  3 

Assuming  a  conservative  fiber-packing  density  of  1000  ft  /ft  ,  this  membrane 
area  can  be  housed  in  a  cylindrical  permeator  only  1.7S"  <4.44  cm)  in  diame¬ 
ter  and  9.6"  (24.4  cm)  long.  The  dimensions  of  the  hollow  fibers  will  be 
0.0275"  (0.07  cm)  I.D.  and  0.0315"  (0.08  cm)  O.D.  The  pressure  drop  in  the 
permeator  will  be  less  than  4cm-H20. 

Hence,  hollow-fiber  permeator  modules  will  be  much  more  compact  and 
lighter  than  the  soda-lime  canisters  used  at  present  for  COg  removal. 
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DEVELOPMENT  OF  A  MEMBRANE  PROCESS  FOR  CARBON  DIODCIDE 


SEPARATION  FROM  DIYDE  ATMOSPHERES 


I.  INTRODUCTION 

The  general  objective  of  this  project  is  to  develop  a  membrane  separation 
process  for  the  removal  of  CO^  from  exhaled  air  in  an  underwater  breathing 

apparatus  (UBA).  Hembrane  separation  processes  are  based  on  the  selective 

- -•*  # 

permeation  of  components  of  a  gas  mixture  through  nonporous  membranes,  which 
are  commonly  made  of  polymeric  materials.  The  process  under  consideration  in 
this  study  is  required  to  reduce  the  C02  concentration  in  exhaled  air  from 
4  mole-2  to  less  than  1  mole-2.  The  CO^  removal  is  to  be  performed  in  a 

permeator  module  using  "asymmetric"  hollow-fiber  membranes  as  separation 

barriers,  because  a  very  large  membrane  area  can  be  packed  per  unit  volume  in 

such  modules.  A  simplified  diagram  of  the  C02  removal  process  is  shovn  in 

Figure  i.  The  feasibility  of  the  process  has  been  investigated  by  means  of 
different  computer  simulations. 

The  following  studies  have  been  performed  since  the  previous  progress 
report  was  filed: 

1.  A  computer  program  has  been  developed  to  simulate  the  removal  of  C02 
from  exhaled  air  in  a  hollow-fiber  permeator  operating  under  realistic  "cross- 
flow"  conditions.  In  this  permeator,  exhaled  air  (the  "feed")  is  taken  to  flow 
inside  the  hollow  fibers,  whereas  the  permeated  gas  emerges  from  the  hollow 
fibers  in  a  direction  perpendicular  to  the  feed  flow  (sec  Appendix  I).  The 
permeated  gas,  enriched  in  COg,  is  dispersed  in  sea  water,  which  will  be  in 
contact  with  the  external  surfaces  of  the  hollow  fibers.  The  pressure  drop 
occurring  inside  the  hollow  fibers  has  also  been  computed. 

The  simulation  described  in  the  previous  report  assumed  flat-sheet 


membranes,  simplified  "perfect-mixing"  conditions  in  the  feed  and  permeate 
streams,  and  negligible  pressure  drop  in  the  permeator. 

2.  More  reallable  values  of  membrane  permeability  and  selectivity  to  CO^, 
(>2  and  N2  were  used  in  the  new  study.  In  earlier  studies  the  membrane  was 
assumed  to  be  made  from  cellulose  acetate,  and  the  values  of  the  permeability 
coefficients  for  CC>2»  02>  and  N2  in  this  polymer  were  taken  from  the  Polymer 
Handbook  (1),  a  well-known  reference  text.  However,  an  examination  of  the 
literature  and  discussions  with  an  industrial  organization  indicated  that  the 
selectivity  of  cellulose  acetate  toward  Cf>2  relative  to  0 2  and  N2  was  lower 
than  indicated  in  the  above  Handbook.  Therefore,  membranes  made  of  polymers 
other  than  cellulose  acetate  were  considered  for  C02  separation. 

3.  The  effects  of  diving  depth  on  the  membrane  area  requirement  were 
investigated.  The  rates  of  gas  permeation  of  the  components  of  exhaled  air 
depend  strongly  on  this  parameter.  Depths  from  5  to  100  FSW  were  assumed  in 
the  computations.  A  depth  of  10  FSW  was  taken  for  the  calculations  of  membrane 
area  requirements  and  of  02  loss. 

4.  The  concentrations  of  COj,,  <>2  and  N2  dissolved  in  sea  water,  and 
their  effects  on  the  C02  separation  process,  were  taken  into  consideration  in 
the  new  process  simulations. 

The  results  of  this  study  aro  discussed  below. 

II.  DESIGN  OF  PERMEATOR  MODULE 

A.  General  Considerations 

Excess  C02  will  be  removed  from  ';*:«*  exMled  air  in  a  hollov-flber 
permeator  modulo.  A  diagram  of  such  a  permeator  Is  shown  in  Figure  2.  The 
permeator,  as  modified  for  the  present  application,  will  consist  of  a  light¬ 
weight  cylindrical  vessel  containing  a  bundle  of  hollow  fiber  membranes.  Both 


ends  of  the  hollow  fibers  will  be  "potted"  (encased)  in  tube  sheets,  or 
"headers"*  made  of  epoxy  resin.  The  section  of  the  cylindrical  vessel  between 
the  tube  sheets  will  be  perforated  in  order  to  allow  sea  water  to  contact  and 
circulate  around  the  hollow  fibers. 

Exhaled  air  (the  "feed")  will  enter  one  end  of  the  penaeator  module  as 
shown  in  Figure  2,  and  will  flow  inside  the  hollow  fibers  in  an  axial 
direction.  A  fraction  of  the  feed  gas  will  permeate  through  the  walls  of  the 
hollow  fibers  and  dissolve  in  the  sea  water  surrounding  the  fibers.  The 

permeated  gas  (or  "permeate")  will  be  enriched  in  CC>2,  because  the 
permeability  of  the  hollow  fibers  to  C02  will  be  higher  than  to  the  other 
components  of  exhaled  air,  i.e.,  mainly  02  and  N2<  The  unpermeated  gas 
remaining  inside  the  hollow  fibers  (sometimes  called  the  "retentate")  uill  be 
depleted  in  C02,  the  partial  pressure  of  C02  decreasing  from  the  inlet  to 
the  outlet  of  the  permeator.  The  permeate  can  be  visualized  as  flowing  in  a 
direction  perpendicular  to  the  feed  flow,  as  is  shown  in  Figure  3.  This  flow 
pattern  is  known  as  "cross-flow." 

The  amount  of  C02  removed  from  the  exhaled  air  by  selective  permeation 
through  the  hollow  fibers  will  depend  on  the  following  factors  (see  Appendix 
II): 

1.  The  composition  of  the  feed  (i.e.,  of  the  exhaled  air). 

2.  The  nature  of  the  polymer  from  which  the  hollow  fibers  are  made. 

3.  The  concentration  of  C02  inside  and  outside  the  hollow  fibers; 
the  difference  in  these  concentrations  is  the  driving  force 
for  permeation. 

4.  The  temperature. 


B.  Descrli 


j-Flber  Membranes 


The  hollow-fiber  membranes  uill  be  asymmetric  (anisotropic)  in  a 
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direction  perpendicular  to  their  surfaces.  Asymmetric  membranes  consist  of  a 

highly  porous  substrate  which  is  3-6  mil  (76.2-1S2.4  pm)  thick  and  is  provided 

with  a  very  thin  nonporous  surface  layer,  or  "skin",  cf.  Appendix  II.  The  gas 

separation  process  occurs  almost  entirely  in  the  nonporous  skin,  whose 

-3  ° 

thickness  can  be  reduced  to  as  little  as  2  to  6  x  10  oil  (500  -  1500  A). 
The  porous  substrate  serves  as  a  support  for  the  denser  skin.  Hence,  the 
mechanical  properties  of  an  asymmetric  membrane  are  essentially  those  of  its 
substrate,  whereas  its  gas  separation  properties  (gas  selectivity  and 
permeability)  are  determined  by  the  skin.  The  presence  of  pores  or  pinholes 
in  the  dense  skin  is  undesirable  because  they  greatly  decrease  the  membrane 
selectivity  toward  different  gases. 

In  some  types  of  asymmetric  membranes,  the  skin  is  an  integral  part  of 
the  substrate  layer,  e.g.,  in  cellulosic  membranes.  In  other  types  of 
asymmetric  membranes,  known  as  "composite  membranes",  the  skin  and  its 
substrate  are  made  from  different  polymers.  The  gas  separation  and  mechanical 
properties  of  such  membranes  can  be  optimized  separately  (see  Appendix  II). 

The  use  of  membranes  in  the  form  of  asymmetric  hollow  fibers  (Figures  4a 
and  4b)  has  two  important  advantages: 

1.  The  rate  of  gas  permeation  through  a  nonporous  membrane  is  inversely 
proportional  to  its  effective  thickness,  as  is  shown  below.  Since  the 
effective  thickness  of  an  asymmetric  membrane  Is  that  of  its  dense  skin,  which 
is  very  thin,  the  rate  of  permeation  per  unit  membrane  area  can  be  large. 

2.  The  fact  that  asymmetric  membranes  can  be  produced  in  the  form  of 

small-bore  hollow  fibers  makes  it  possible  to  pack  very  large  membrane  areas 

2  3 

in  small  volumes  (3000  to  8000  ft  /ft  ,  depending  on  the  fiber  diameter  and 
packing  density).  Hence,  hollow-fiber  permeators  are  very  compact. 

The  dense  skin  is  usually  formed  on  the  feed-side  of  the  hollow  fibers. 
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Hence,  in  the  present  application  the  skin  will  be  on  the  internal  surface  of 
the  hollow  fibers,  cf.  Figure  4b. 

C.  Mechanism  of  Gas  Permeation 

Gases  permeate  through  nonoorous  membranes  by  a  "solution-diffusion" 
mechanism,  which  has  been  discussed  elsewhere  (2,3)  and  is  also  described  in 
Appendix  II. 

The  permeation  of  a  gas  through  a  nonpjrous  membrane  can  be  generally  des¬ 
cribed  by  Pick's  laws  (2,3).  The  steady-state  rate  of  gas  permeation,  Qs, 
through  a  long  hollow  cylinder,  such  as  a  hollow-fiber  membrane,  is  then  given 
by  the  isothermal  expression: 


2n  L(cJ  -  cJS 

0  a  n  - — - - ~ 

us  u  IjiCRq/R.] 


(1) 


where  D  is  the  mutual  diffusion  coefficient  for  the  gae/membrane  system  of 

interest;  L  is  the  length  of  the  hollow  fiber*;  R^  and  Rj  are  the  outer  and 

u  K  H 

inner  radii  of  the  hollow  fiber,  respectively;  and  (<c2>  are  ttie 
penetrant  gas  concentrations  of  the  outer  and  inner  surfaces  of  the  hollow 
fiber,  respectively.  D  is  assumed  here  to  be  independent  of  the  penetrant 
concentration,  and  superscript  H  refers  to  the  hollow-fiber  membrane. 

When  the  hollow  fiber  is  asymmetric,  as  will  be  the  case  in  the  present 
application,  the  radii  of  interest  are  those  of  the  dense  skin.  Since  this 
skin  is  very  thin,  i.e.,  Rq/R^  =  the  denominator  in  eqn.  (1)  can  be  expanded 
in  series: 


tn(R0/Rz) 


(2) 


where  6<=R^  -  Rj)  is  the  thickness  of  the  dense  skin.  Equations  (i)  and  (2) 


then  yield: 


(3) 


a  r,  2"RIL  ,  H  H.  DA  -  M  If, 

Qs  *  D  T-  <c2  -  V  T  <C2  ‘  V 

where  A(=2it  RjL)  is  the  inner  surface  area  of  the  dense  skin. 

In  the  present  application  the  penetrant  gas  will  be  exhaled  air  (the 
feed)  which  will  flow  inside  the  hollow  fibers  in  an  axial  direction.  As 
mentioned  earlier,  the  dense  skin  will  be  formed  on  the  inner  surface  of  the 
hollow  fibers.  Let  the  local  concentration  of  any  component  i  of  exhaled  air 
(Og,  N2,  or  C02>  dissolved  in  the  skin  at  the  feed-side  interface  be  denoted 


H 


c-  cf.  Figure  5.  Let  also  the  local  partial  pressure  of  component  i  in 
r  *  1 


the 


exhaled  air  be  where  p^  is  the  total  local  pressure  of  the  exhaled  air 
inside  the  hollow  fibers,  and  x^  is  the  local  mole-fraction  of  component  i  in 
the  exhaled  air.  If  solution  equilibrium  is  established  between  component  i  In 
the  exhaled  air  and  in  solution  in  the  dense  skin  at  the  feed/skin  interface, 
one  can  write  the  isothermal  relation: 


•  wv- 


(4) 


where  is  a  solubility  coefficient  which  depends  only  on  the  nature  of 
component  1  and  the  dense  skin,  and  on  temperature. 

The  outer  surface  of  the  hollow-fiber  membranes  will  be  in  contact  with 
sea  water,  which  will  also  impregnate  the  porous  substrate  of  the  hollow 
fibers.  Consequently,  the  outer  surface  of  the  dense  skin  will  also  be  in 
contact  with  sea  water.  It  should  be  noted  that  this  surface  is  also  the 
interface  between  the  skin  and  its  porous  substrate.  Let  the  concentrations 
of  component  i  dissolved  in  the  dense  skin  and  in  sea  water  at  the  skin/sea- 
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water  interface  be  denoted  Cp  4  and  c  p  respectively.  One  can  then  write 
the  equilibrium  relation,  cf.  Figure  5: 


=  Ktc 


SW 

P.i  * 


(S) 
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where  Is  a  partition  coefficient.  will  also  depend  on  the  nature  of  com¬ 
ponent  i  and  of  the  skin,  and  on  temperature.  Equations  (3>-(S)  then  yield: 


Mlu>,lVJ,VK,Vli’ 


ZwRjLD 


s,i 


<SipSxi  “  Kicp V 


(S) 


sw 

The  concentration  cp  cannot  be  measured,  particularly  since  the  dense 

r  ,  1 

skin  of  an  asymmetric  membrane  may  not  have  a  distinct  interface  with  its 

SW 

porous  substrate.  Therefore,  it  will  be  assumed  that  Cp  i  will  be  identical 

with  the  concentration  of  component  i  in  bulk  sea  water,  cf.  Figure  S.  Hence, 
SW 

Cp  ^  will  depend  on  the  solubility  of  component  i  in  sea  water,  on  its  partial 
pressure  in  the  atmosphere,  on  the  temperature  of  sea  water,  on  the  salinity 
of  the  water,  and  on  depth.  Therefore,  it  is  possible  to  assume  the  relation, 
cf.  Figure  5: 


(7) 


where  the  atmospheric  pressure;  y^  is  the  mole-fraction  of 

component  i  in  the  atmosphere,  and  is  a  suitable  solubility  coefficient. 
The  solubility  of  i  (0^,  N2,  CO^)  in  sea  water  probably  will  be  within 
Henry’s  law  limit.  Equations  (6)  and  (7)  then  yield 


ZnR-L 

°S,l  ■  pi  — 


181 


I 

where  P^bD^Sj)  is  a  permeability  coefficient,  and 

Let  component  i  be  CQj.  It  is  evident  that  tt<e  rate  of  CC^  permeation 

through  hollow  fiber  membranes  will  be  large  if: 

a)  Dqq  and  Sqq  .  and  hence  Pqq  •  are  large. 

2  2  2 

b>  HCO2  4nd  h*nce  KcOg*  «re  small. 

c>  The  dense  skin  is  very  thin,  l.e.,  &  is  very  small. 

Horeover.  the  skin  substrate  must  be  highly  porous  in  order  to  permit 


l 
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easy  circulation  of  the  sea  water  to  and  from  the  permeate-side  of  the  dense 
skin.  This  could  besc  be  achieved  with  "composite"  hollow  fibers. 

III.  SELECTION  OF  KEMBRANE  MATERIAL 

In  a  previous  simulation  of  a  membrane  process  for  the  removal  of  CCL, 
from  exhaled  air  it  was  assumed  that  the  membranes  will  be  made  from  cellulose 
acetate  (4).  The  Polymer  Handbook  (1>  cites  the  following  values  of  the  per~ 
meability  coefficients  for  C02,  0^,  and  in  cellulose  acetate  at  30oC: 

?Cq2  =  22.7  x  10  w  cm  (STP)-CB/(s*cm  -cjaHg) 

P^  -  0.78  x  10 *10  . 

PN2  =  0.28  X  10~10  " 

The  selectivity  of  cellulose  acetate  toward  CO^  relative  to  and  N^, 
respectively,  is  then  given  by  the  respective  ideal  separation  factors: 
a*<C02/02>  s  PC02/?02  *  29.1 
a*<co2/N2>  s  ho2'%  s  W-t 

However,  an  examination  of  the  literature  has  indicated  that  the  above 
selectivities  are  too  high  because  the  permeabilitv  coefficient  for  C02  was 
not  obtained  with  the  same  type  of  cellulose  acetate  as  the  permeability 
coefficients  for  02  and  N2  <S).  itorc  recent  publications  Indicate  that 
a*<C02/02)  =  7.3  and  aVCC^/N^  *  21.7  for  an  unspecified  type  of  cellulose 
acetate  at  2S*C.  These  lower  selectivities  were  confirmed  by  an  Industrial 
manufacturer  of  cellulose  acetate  membranes. 

The  literature  also  shows  that  the  following  polymer  membranes  have 
selectivities  toward  C02.  relative  to  0?  and  N2«  comparable  to  those  of 
cellulose  acetate,  but  have  much  higher  gas  permeabilities: 


Permeability  Coefficient, 

Polymer  '  P  x  10^-Q  [cm^(STP)  •cm/(s‘cm^,cmHg)l 


co2 

02 

% 

Ethyl  cellulose  (ethoxy  49. SZ)  (6) 

113.0 

14.7 

4.43 

Acrylonitrile/butadiene  block 

30.9 

3.84 

l.i 

copolymer  (7) 

The  above  data  are  for  a 

temperature  of 

25®C.  The 

corresponding 

select ivities  are: 

Polymer 

<x*(C0>>/02> 

a*(CO?/No) 

Ethyl  cellulose  (ethoxy  48. SZ) 

7.7 

25.5 

AcrylonitriWbutadiene  block 

8.0 

28.1 

copolymer 

The  above  two  polymers  have  been  considered  in  the  following  calculations 
as  materials  for  the  preparation  of  composite  hollow  fibers  for  CO^  removal 
from  exhaled  air.  It  should  be  noted  that  ethyl  cellulose  is  a  glassy  polymer 
at  ambient  temperature,  whereas  the  A/B  block  copolymer  is  in  the  "rubbery" 
state.  Therefore,  these  two  materials  have  significantly  different  mechanical 
properties. 

IV.  PROCESS  SIMULATIONS 

A.  Objectives 

The  objectives  of  the  process  simulations  were  as  follows: 

1.  To  determine  the  membrane  area  required  to  reduce  the  CO^  content  in 
exhaled  air  from  about  4  mole-Z  (more  exactly  3.93  moIe-Z)  to  1  mole-Z  in  a 
permeator  module  with  asymmetric  or  "composite"  hollow  fiber  membranes. 

2.  To  determine  the  dimensions  of  the  permeator  module  required  to 
perform  che  above  separation. 

3.  To  determine  the  loss  of  oxygen  in  the  permeator  module. 
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4,  To  determine  the  inner  diameter  of  the  follow  fibers  necessary  to 
reduce  the  axial  pressure  drop  across  the  permeavor  rsodule  to  required 
specifications  (4  co-H^O  medium  load)  (8). 

B.  Basis  of  Calculations 

The  composition  of  exhaled  air  at  the  inlet  of  the  permeater  module,  i.e, 
in  the  feed,  was  taken  to  be  as  follows  (8): 

Component  Mole-fraction, 


H^O  vapor 


0.0393 
0.16TB 
0. 7763 
0.0177 
1.0000 


The  feed  is  assumed  to  be  saturated  with  water  vapor  at  2S°C.  Since  the 

permeate-side  of  the  hollow  fibers  will  be  in  contact  with  sea  water,  the 

activity  o;  will  be  approximately  the  same  on  the  two  sides  of  the  hollow 
fibers.  Consequently,  no  significant  transfer  of  H^O  is  expected  to  take  place 

from  the  permeate-side  to  the  feed-side  of  the  hollow  fibers  or  vice  versa. 

The  concentrations  of  CO^,  Og,  and  in  sea  water  at  a  depth  of  10  FSW 
were  calculated  to  be  as  follows  (in  terms  of  mole-fractions  and  partial 
pressures ) : 

Component  Mole-fraction 


C0„ 


5.8S  x  1Q~4 
2.28  x  10“S 
1.025  x  10“s 


Partial  Pressure  (bars) 
-4 


7.78  x  10 


3.04  X  10 


-5 


1.36  x  10 


-5 


It  is  seen  that  the  concentration  of  the  above  gases  in  sea  water  is 
negligibly  small  compared  to  that  in  exhaled  air. 

It  was  assumed  that  the  COg  concentration  in  the  exhaled  air  at  the 
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outlet  of  the  permeator  module  is  reduced  to  1  mole-2.  The  air  is  then 
recycled  to  the  diver.  The  flow  rate  of  exhaled  air  into  the  parmeator  was 

3 

taken  to  be  1,000  cm  (STP)/s,  and  the  effective  membrane  thickness,  i.e.,  the 

o 

thickness  of  the  dense  skin,  was  taken  to  be  iOOO  A.. 


V.  DISCUSSION  OF  RESULTS 

A.  Process  Simulations 

The  results  of  the  process  simulations  are  presented  graphically  in 

Figures  6  to  18.  The  results  obtained  for  ethyl  cellulose  membranes  are 

presented  first  in  Figures  6  to  12,  which  are  discussed  below. 

Figure  6  shows  the  membrane  area  required  to  reduce  the  CO^  content  of 

exhaled  air  from  about  x°  =  0.04,  or  4  mole-Z,  to  lower  values;  x^L  is  the 

co2  CO2 

mole-fraction  of  CO^  at  the  peroeator  outlet.  The  membrane  area  is  seen  to 

increase  sharply  as  the  CO^'  concentration  remaining  in  the  exhaled  air  is 

decreased.  However,  due  to  the  high  rate  of  CO^.  permeation  through  asymmetric 

2 

hollow  fibers  made  of  ethyl  cellulose,  only  about  14  ft  uill  be  required  to 
reduce  the  CO_  concentration  to  xJL  =  0.01,  or  1  mole-2.  This  membrane  area 
can  be  packed,  as  will  be  shown  below,  in  a  very  small  permeator  module. 

Oxygen  and  nitrogen  will  permeate  through  the  hollow  fibers  together  with 
CO^,  albeit  at  a  much  slower  rate,  cf.  Section  III.  Consequently,  some  of  the 
in  the  exhaled  air  will  be  lost  in  the  permeate.  Figure  7  shows  the  2- 
lost  as  the  concentration  of  CO^  in  the  exhaled  air  is  decreased.  For  example, 
when  the  C02  concentration  at  the  permeator  outlet  is  reduced  to  x°Q^  =  0.02, 
or  2  mole-2,  the  loss  will  be  about  8.22.  The  C>2  concentration  in  the 
exhaled  air  will  then  be  reduced  from  x_  =  0.167S  at  the  permeator  inlet  to 
x^  =  0.1S42  at  the  outlet.  When  the  C02  content  is  reduced  to  x°Q^  =  0.01, 
or  1  mole-2,  about  172  of  02  will  be  lost.  This  loss  will  have  to  be 


12- 


compensated  with  stored  oxygen.  Ihe  loss  of  oxygen  could  be  reduced  by  using 

hollow-fiber  membranes  made  from  polymers  which  exhibit  a  higher  selectivity 

for  CC>2  relative  to  Og,  as  is  shown  in  a  following  section. 

Figure  8  shows  the  concentration  of  CO^  in  the  exhaled  air  at  the 
o 

permeator  outlet  (xrn  )  as  a  function  of  the  "stage  cut",  i.e.,  the  fraction 
of  the  exhaled  air  (feed)  permeating  through  the  hollow  fibers.  It  is  seen 


that  a  stage  cut  of  about  0.10  is  required  to  reduce  the  CO^  concentration  to 

xCOz  =  °-01' 


Figures  9,  10,  and  11  show  the  concentrations  of  0^,  N^.,  and  H^O  vapor, 

respectively,  at  the  permeator  outlet  as  a  function  of  stage  cut.  It  is  seen 

that  the  concentrations  of  N2  and  HgO  vapor  increase  from  the  inlet  to  the 

outlet  of  the  permeator,  whereas  the  concentrations  of  CO„  and  0„  decrease. 

Z 

Figu»es  ‘2  to  17  present  similar  data  for  hollow  fibers  made  from  the 
ncrylonitrile/Butadiene  Block  copolymer  and  can  be  Interpreted  in  a  similar 
way. 


B.  Pressure  Prop  Calculations 

The  pressure  drop  inside  hollow  fibers  was  calculated  from  eqn.  (1-26)  in 
Appendix  I.  In  order  to  keep  the  pressure  drop  below  a  required  value  of  4  cm- 
HjP  as  well  as  to  reduce  the  C02  content  in  exhaled  air  to  1  taole-X,  the 
dimensions  of  the  hollow  fibers  will  have  to  be  as  follows: 


Parameters 


X.D. 

O.D. 

Length 

No.  of  Hollow  Fibers 


Hollow  Fibers 


Ethyl  Cellulose 
0.027S"(0.07cJt) 
u. 0315" (0.08cm) 
0.80  ft (24. 38cm) 
2,087 


A/B  Block  Copolymer 
0.0236" (0.06cm). 
0.031S"(0.03.;m) 
0.80  ft (24. 30cm) 
8,932 
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C.  Dimensions  of  Permeator  Module 

On  the  basis  of  the  above  data,  and  assuming  conservatively  a  low  fiber- 

2  3 

packing  density  of  1,000  ft  /ft  ,  cylindrical  permeator  modules  for  CO^  removal 
from  exhaled  air  will  have  the  following  dimensions. 

Ethyl  cellulose:  Length:  9.61'  (24.384  cm),  O.D.  =  1.7S"  (4.44  cm) 

A/B  Block  Copolymer:  Length:  9.6"  (24.384  cm),  O.D.  =  3.35"  (8.51  cm) 

Hence,  if  the  assumptions  made  in  the  calculations  are  confirmed  by 
experiment,  the  permeator  module  will  be  both  compact  and  light  in  weight. 


VI.  CONCLUSIONS  AND  PERSPECTIVE 

The  present  study  indicates  that  it  is  possible  to  build  an  efficient 
permeator  module  for  the  removal  of  CO^  from  exhaled  air  in  an  underwater 
breathing  apparatus.  If  the  assumptions  made  in  the  computer  simulations  are 

validated  by  experiment,  the  permeator  module  will  be  much  more  compact  and 

much  lighter  than  the  soda-lime  canisters  used  at  present  for  CO^  removal. 

The  use  of  soda-lime  canisters  limits  the  time  a  diver  can  spend  under¬ 
water  to  a  few  hours.  By  contrast,  permeator  modules  are  inexhaustible,  but 
are  subject  to  some  0^  loss  in  the  permeate.  This  loss  must  be  compensated 
with  fresh  02,  which  increases  somewhat  the  volume  of  02  to  be  carried  by  the 
diver.  The  magnitude  of  this  loss  is  illustrated  in  Figure  7  for  ethyl 
cellulose  membranes  and  in  Figure  13  for  membranes  made  from  A/B  block 
copolymers. 

The  oxygen  loss  in  the  permeate  can  be  greatly  reduced  by  the  use  of 
membranes  which  exhibit  a  higher  selectivity  to  C02  relative  to  02  than  the 

membranes  considered  in  the  present  study.  This  is  evident  from  Figure  18, 

which  shows  the  decrease  in  02  loss  with  increasing  C02/02  selectivity  at  a 
constant  permeability.  It  is  seen  that  an  increase  in  selectivity  from 


a*<C02/02>  »  7  (as  used  in  this  study)  to  a*(C02/02>  =  30  would  reduce  the  02 
loss  to  less  than  20Z  of  that  reported  in  the  previous  section. 

More  highly  selective  membranes  of  the  "facilitated  transport"  type  (cf. 
Appendix  II)  are  already  available.  For  example,  Tajar  and  Miller  (9)  have 
obtained  a  value  of  a*(C02/02>  =  30.4  at  30°C  and  100Z  relative  humidity  with  a 
4~component  membrane  system  consisting  of  polyethylenimine-polyvinylbutyral- 
epoxy-water .  More  recently,  Meldon,  Paboojian,  and  Ranjagam  < 10 >  have  reported 
that  a  composite  membrane  consisting  of  polyethylene  glycol/alkanolamine  mix¬ 
tures  immobilized  in  microporous  polypropylene  had  a  selectivity  <x*(C02/02>  = 
40  at  2S°C.  In  an  early  study  of  facilitated  transport,  Ward  and  Robb  (ii) 
developed  a  membrane  with  a*(C02/02>  =  4100  and  a  very  high  permeability  to 
C02>  The  use  of  such  membranes  in  the  present  application  has  not  been  studied. 
The  facilitated  transport  membranes  described  in  the  literature  are  relatively 
thick,  but  methods  of  decreasing  their  effective  thickness  are  being  investi¬ 
gated. 

Last,  but  not  least,  the  removal  of  C02  from  exhaled  air  by  means  of  a 
permeator  module  is  much  safer  than  by  using  soda-lime  canisters,  because  no 
chemical  reaction  takes  place  in  the  former  device. 


-15- 


REFERENCES 


1.  "Polymer  Handbook",  J.  Brandrup  and  E.  H.  Immergut,  Eds.,  J.  Wiley  8> 

Sons,  New  York,  1975,  2nd  Ed.,  p.  III-239. 

2.  S.  A.  Stern  and  E.  L.  Frisch,  Ann.  Revs.  Mater.  Sci,,  11,  523  (1981). 

3.  H.  L.  Frisch  and  S,  A.  Stern,  Crlt.  Revs.  Solid  State  and  Mat.  Sci., 
11(2),  123  (1983),  CRC  Press,  Boca  Raton,  FL. 

4.  S.  A.  Stern  and  H.  R.  Acharya,  "Development  of  a  Membrane  Process  for 
Carbon  Dioxide  Separation  from  Diving  Atmospheres",  Progress  Report, 

Dept,  of  Chemical  Engineering  and  Materials  Science,  Syracuse 
University,  Syracuse,  NY,  December  1988. 

5.  R.  Waack,  N.  H.  Alex,  H.  L.  Frisch,  V.  Stannett,  and  M.  Szware,  Ind. 

Eng.  Chem. ,  4 7,  2524  (1SSS). 

6.  S.-T.  Hwang,  C.  K.  Choi,  and  K.  Kammermeyer,  Separation  Sci.,  9(8),  461 
(1974). 

7.  W.  J.  Koros  and  R.  T.  Chern,  Chapt.  20  in  "Handbook  of  Separation  Process 
Technology",  R.  W.  Rousseau,  Ed.,  J.  Wiley  &  Sons,  New  York,  1987, 

p.  897. 

8.  J.  R.  Middleton  and  E.  D.  Thalmann,  Navy  Experimental  Diving  Unit  (NEDU) 
Report  #3-81,  "Standardized  NEDU  Unmanned  Test  Procedures  and  Performance 
Goals",  July  1981,  AD#  A10S609,  Dept,  of  the  Navy,  NEDU,  Panama  City,  FL, 
32407. 

9.  J.  G.  Tajar  and  J.  Miller,  Paper  7b,  Spring  1971  National  Meeting  of 
American  Institute  of  Chemical  Engineers,  Houston,  TX,  February  28  - 
March  4,  1971. 

10.  J.  Mel don,  Paboojian,  and  G.  Rajangam,  Paper  42c,  Symposium  on 
Industrial  Membrane  Processes,  Spring  198S  National  Meeting  of  the 
American  Institute  of  Chemical  Engineers,  Houston,  TX,  March  24-28,  1985. 

11.  W.  J.  Ward,  III,  and  W.  L.  Robb,  Science,  1S6,  1481  (1967). 

12.  W.  L.  McCabe,  and  J.  C.  Smith,  "Unit  Operations  in  Chemical  Engineering", 
McGraw-Hill,  New  York,  1976,  p.  89. 


EXHALED  AIR 


TREATED  AIR 


Figure  is 


Flow  diagram  of  membrane  process  of  CO2  removal  from 
exhaled  air  in  an  underwater  breathing  apparatus 


Figure  2:  Diagram  of  permeator  module  with  hollow-fiber  membranes 


PERMEATE (V°) 


TUBE  SHEET  FIBER  BUNDLE 


Figure  3s 


Diagram  of  permeator  module  showing  the  feed,  permeate 
and  retentate  gas  streams.  The  feed  ia  exhaled  air. 
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Flgure  4aj  Cross-section  of  an  asyrsnetrlc  hollow  fiber 


Figure  4b;  Enlarged  section  of  a  single  asysnetric  hollow  fiber 

showing  the  dense  shin  and  porous  substrate 


Sea/atmosphere  interface 


Porous  substrate 


Figure  Sj  Enlarged  section  of  a  hollow  fiber  showing  the  concen¬ 

trations  of  feed  and  permeate  coaponents  within  and 
outside  the  fiber 


Membrane  area  required,  A  (ft2) 


-2 


Figure  6»  Kembrane  area  required  as  a  function  of  carbon  dioxide 

concentration  at  peneeetor  outlet.  Eesbrane  material  - 
ethyl  cellulose. 


Mole-fraction  C02  at  permeotor  outlet,  x°COl 

7. 


Percent  oxygen  loss  in  penseete  as  a  function  of  carbon 
dioxide  removed  froa  exhaled  air.  Keabrane  aaterial  - 
ethyl  cellulose. 


0.00  0.02  0.04  0.06  0.08  0.10  0.12 

Stage  cut 


Figure  8: 


Carbon  dioxide  concentration  in  exnaled  air  at  permeator 
outlet  as  a  function  of  stage  cut.  Membrane  material  - 
ethyl  cellulose. 


Mole  fraction  N2  at  permeator  out 
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Stage  cut 


Figure  10:  Nitrogen  concentration  in  exhaled  air  at  permeator 

as  a  function  of  stage  cut,  Membrane  material  - 
cellulose. 


Figure  11s 


Stage  cut 


ter  vapor  concentration  In  exhaled  air  at  permeator 
tlet  as  a  function  of  stage  cut.  Membrane  material 
hyl  cellulose. 
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•ane  area  required  as  a  function  of  carbon  dioxide 
mtration  at  permeator  outlet.  Membrane  material  - 
.onitrile/butadiene  copolymer 


Mole-fraction  C02  at  permeator  outlet,  x  , 


co* 


13:  Percent  oxygon  loss  in  permeate  as  a  function  of  carbon 

dioxide  removed  from  exhaled  air.  Membrane  material  - 
Acrylonitrile/butadiene  copolymer. 


Stage  cut 


Figure  14 j  Carbon  dioxide  concentration  in  exhaled  air  at  permeator 

outlet  as  a  function  of  stage  cut.  Membrane  material  - 
Acrylonitrile/butadiene  copolymer. 


Mole  fraction  02  at  permeator  outlet 


Figure  IS: 


Mole— fraction  N2  at  permeator  outlet. 
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Stage  cut 


Figure  16i  Nitrogen  concentration  In  exhaled  atr  at  permeator  outlet 

as  a  function  of  stage  cut.  Membrane  material  - 
Acrylonltrllo/butadlene  copolymer. 
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Figure  18: 


t— I  , — , — , — | — r — | — t — I — , — 

20  30  40  50  60  70 

Selectivity,  cC*(C02/02) 


Effect  of  CO2/O2  selectivity  of  membrane  on  percent 
oxygen  loss  in  permeate.  The  membrane  permeability  to 
assumed  to  be  the  same  as  that  of  ethyl  cellules* 
113  x  10  l0ce3<STP)-ctt/(S'ca2-caHg> 
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Figure  19s 


Enlarged  section  of  a  single  hollow  fiber  shoving  the 
local  variables. 
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APPEBHX  I 

TITLE:  SIMULATION  OF  PERMEATOR  MODULE  OPERATING  IN  CROSS-FLOW  MODE 

Process  simulations  were  performed  using  the  "cross-flow"  model,  which 
was  described  earlier,  cf.  Figure  3.  It  was  desired  to  calculate  the  membrane 
area  required  and  the  oxygen  lost  in  the  permeate  when  different  amount  of  CXL 
are  removed  from  exhaled  air,  which  is  then  recycled  to  the  breathing  mixture. 
The  membrane  area  required  for  the  desired  CO^  separation  tlr*n  determines  the 
size  of  the  permeator  module  for  C02  removal  to  be  attached  to  the  UBA. 

The  known  and  unknown  quantities  in  this  model  are  listed  below. 

Known  quantities: 

1.  Feed  flow  rate, 

2.  Mole-fraction  of  each  component  in  the  feed  (exhaled  air), 

3.  Hole-fraction  of  C02  in  the  treated  air  stream  at  the  permeator 
outlet,  and 

A.  Permeability  of  membrane  to  each  component  of  permeating  g&& 
mixture . 

Unknown  quantities: 

1.  Hembrane  area  required  for  the  desired  removal  of  CO,,, 

2.  Pressure  drop  in  hollou  fibers,  and 

3.  Oxygen  lost  in  permeate  to  the  sea  water. 

In  order  to  calculate  the  unknown  quantities  listed  above,  it  is 
necessary  to  formulate  a  system  of  relations  comprising  material  balances  and 
transport  equations  pertinent  to  cross-flow  conditions  in  a  permeator  module. 

Assuming  a  constant  density  for  ail  gas  streams,  an  overall  mass  balance 
over  the  permeator  yields,  cf.  Figure  3i 


(I-i) 
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Similar  ly,  a  component  mass  balance  yields: 

.1  I  j.,0  0  ..0  0 

F  =  F  +  ¥  y^ 


where : 


(1-2) 


F*  =  flow  rate  of  exhaled  air  (the  "feed")  at  peroeator  inlet, 

=  flow  rate  of  treated  air  at  the  permeator  outlet, 

V®  =  net  flow  rate  of  perm  ate  gas  (the  "permeate"), 

x*  =  mole  fraction  of  component  i  in  exhaled  air  at  permeator  inlet, 

x®  =  mole  fraction  of  component  i  in  treated  air  at  permeator  outlet, 

y^  =  mole  fraction  of  component  i  in  permeate. 

At  any  point  in  the  permeator,  the  net  flow  of  gas  through  the  wall  of  an 
element  of  length  dL  of  a  hollow  fiber  i3  given  by  the  relation,  cf .  Figure  19: 

Di  M  M 

dq,  =  md  dL  <“>  (c"  -  c"  )  (1-3) 

1  O  d  F,1  P,i 

where: 

3 

dq^  =•  voluae  in  ca  istp)  of  component  i  permeated  per  unit  time, 

Cp  a  concentration  of  component  i  at  any  point  in  membrane 
’  at  the  aeabrane/feed  interface, 

H 

Cp  .  a  concentration  of  component  i  in  membrane  at  the  sea  water/ 

*  membrane  interface, 

d  a  outer  wall  diameter  of  the  hollow  fiber  membrane 
''  effective  dense  skin  thickness, 

n  «  taaan  mutual  diffusion  coefficient  of  component  i  in 
*  polymer  membrane  (assumed  constant), 

dL  =  element  of  length  of  hollow  fiber  membrane. 

The  concentration  of  component  1  dissolved  in  the  membrane  at  the  feed/ 

membrane  interface  is  given  by  the  expression: 

c",i  *  VW 

where: 

-  solubility  coefficient  of  component  i  in  the  membrane 
(assumed  constant  > , 
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p  =  pressure  of  exhaled,  air  on  the  feed  side  of  the  permeator 
module,  i.e.,  inside  the  hollow  fibers, 

x.  =  mole  fraction  of  component  i  at  any  point  in  the  feed 
(exhaled  air)r 

p^-^i  =  partial  pressure  of  component  i  at  any  point  in  the  feed. 


The  concentration  of  component  i  dissolved  in  the  membrane  at  the  sea 
water/membrane  interface  is  controlled  by  two  factors: 

a.  The  solubility  of  component  i  in  sea  water,  and 

b.  The  partition  coefficient  of  component  i  between  the  membrane 
and  sea  water. 

SW 

If  cp  ,  is  the  concentration  of  component  i  in  sea  water,  it  is  possible 
SW 

to  express  Cp  ^  at  the  sea/ atmosphere  interface  as  a  function  of  p^,  the 
partial  pressure  of  component  i  in  the  atmosphere 


cu 

cP,i  =  H1  Pi  =  Hi<  Wyltat»’ 


where : 

patm  =  ^mospheric  pressure, 

y,  atm  =  mole  fraction  of  component  i  in  ambient  air, 

H.^  =  solubility  coefficient  within  the  Henry's  law  limit. 


(I-S) 


Equation  (1-5)  describes  the  equilibrium  between  ambient  air  and  sea 
water.  In  order  to  calculate  the  concentration  of  each  species  in  the  membrane 
at  the  sea  water/membrane  interface,  it  is  necessary  to  consider  the 
equilibrium  of  each  component  between  the  membrane  and  the  sea  water.  This 
equilibrium  can  be  expressed  in  terms  of  a  partition  coefficient  of  the 
component  between  the  membrane  and  s^a  water.  ThU3,  one  can  write, 


where: 


3W 

cP,i 


(1-6) 


Kj  =  partition  coefficient  of  component  i  between  sea  water  and  membrane. 
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Substituting  eqn.  (I-S)  into  eqn.  CX-6),  one  obtains, 
M 


c~  4  =  K  •H.(p  .  *y.  .  > 

p,i  i  i  *atm  7i,atm 


(1-7) 


Also,  substituting  eqns.  (1-5)  and  (I-S)  into  eqn.  (1-3),  we  obtain: 

D, 


dli  =  «d0  dL  (f)[sjVl  -  KtHlPat|Ii-yliatJ  . 


(1-8) 


The  above  equation  can  be  rearranged  to  the  form: 

D,S.  .  IH 

■« 


‘  ("do  dL)l“VM>Vi  •  'sf  wn.atJ 


(1-9) 


In  eqn.  (1-9),  dQdL  =  dA  =  incremental  area  of  membrane  through  which 
permeation  occurs.  Substituting  the  above  relation  in  eqn.  (1-9),  one  gets, 


dq 


'*si  *i  r  KjHi  ■) 

Ji  dA  =<d>[phxi"  S1  patm'yi,atmi 


(I-10a) 


Pi  =  mean  permeability  coefficient  of  component  1  in  the  membrane  =  D^. 

In  eqn.  (I-10a),  the  second  term  within  the  bracket  represents  the  concen¬ 
tration  of  component  i  in  the  membrane  "skin"  in  terms  of  pressure  units.  This 
can  be  rewritten  in  a  more  simple  form  by  substituting: 


•  KiHi 

h-s1 


(I-10b) 


Substituting  eqn.  (I-iOb)  in  eqn.  (I-iOa),  one  obtains, 
dq 


Ji  dA  (  6  )[ph*xi  “  Ki  patm’yi,atJ 


where : 


( I-iOc) 


ph  xi  =  Partia^  pressure  of  component  i  on  the  feed  side. 

The  "stage  cut"  is  the  fraction  of  the  feed  permeating  through  tt 


membrane  and  is  defined  by  the  relation: 

0  »  V/F1  , 


<1-11 > 


where : 
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F*  =  flow  rate  of  feed  at  the  inlet  of  permeator  module 

V  =  total  permeated  product  at  any  distance  L  along  the  hollow 
fiber  membranes  from  the  inlet  of  the  permeator  module. 

A  mass  balance  over  an  increment  of  membrane  area  dA  yields,  cf.  Figure 


-d(Fxi>  =  JidA  (X-12) 

A  summation  for  all  i  components  in  the  feed  yields,  from  eqn.  (1-12), 


-dCFCx^+Xg*. . . 1)  =  (Ji+J2+. . . . )dA, 


(1-13) 


where  x^,  x2>  xg  ....  are  the  mole-fractions  of  the  i  components  at  any 
distance  L  from  the  inlet  of  the  permeator  module,  and  J^,  J2,  ...  are  the 

fluxes  of  each  of  the  i  components  at  the  same  distance  L  from  the  inlet. 

The  sum  of  the  mole  fractions  of  all  the  components  in  the  feed  at  any 
distance  L  from  the  inlet  must  always  be  equal  to  unity,  i.e., 

X1  +  X2  +  *  *  *  =  *  (1-14) 

Rewriting  eqn.  (1-13)  we  obtain: 


-dF  =  r,JtdA 


(1-15) 


Rewriting  the  term  dtFx^  in  the  form: 


d(Fx1>  =  x^dF  +  Fdx^ 


(1-16) 

and  substituting  eqn.  (1-12)  and  ( I— IS)  into  eqn.  (1-16),  one  further  obtains 
dx. 


1~Ji  *  ‘Iiuil 


dA 


(1-17) 


Equation  (1-15)  can  be  rearranged  in  the  form: 

dF/dA  =>  U1  (1-18) 

Dividing  eqn.  (1-17)  by  eqn.  (1-18): 


dXi  «  (JA  -  x1D1) 

dF  ~~  (FIJI 


(1-19) 
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Dividing  the  denominator  of  eqn.-  (1-19)  by  F  and  substituting  eqn. 
(1-11),  one  obtains  the  relation: 


dxi  =  -  xiUi> 


(1-20) 


d9 


(1-9)£J, 


dA  r 
dS  "  ZJ, 


(1-21) 


and  from  eqn.  (1-14),  one  obtains 

« 

,1 

h  ' 

Equations  (1-19)  and  (1-20)  are  the  two  differential  equations  which  must 
be  solved  simultaneously  to  obtain  the  membrane  area  and  the  concentrations  of 
each  component  in  the  treated  air  at  the  outlet  of  the  membrane  penneator 
module.  The  boundary  conditions  are  as  follows: 

The  following  conditions  prevail  at  the  inlet  of  the  permeator  module: 
V  =  0  and  the  "stage  cut"  9  =  zero,  cf.  eqn.  (1-11).  The  membrane  area  is  also 
zero  at  the  inlet  of  the  module,  and  the  concentration  of  each  component  is 
equal  to  that  in  the  feed  (exhaled  air),  thus: 

9=0, 

A  =  0,  and 
F 

Xi  "  Xi 

Equations  (1-20)  and  (1-21)  were  solved  using  a  3rd  order  Xunge-Kutta 
algorithm  and  the  boundary  conditions  described  above. 

The  other  important  design  consideration  is  the  pressure  drop  across  the 
hollow  fibers  in  the  permeator .  The  pressure  drop  was  calculated  by  means  of 
the  HagerrPoiseuille  equation  (12).  For  the  present  calculations  it  was 
assumed  that  the  flow  rate  of  the  feed  was  constant  at  all  points  from  the 
inlet  to  the  outlet  of  the  permeator,  and  equal  to  that  at  the  inlet  of  the 


permeator.  However,  in  the  actual  case,  the  feed  flow  rate  decreases  along 
the  permeator  as  permeation  occurs.  This  implies  that  the  pressure  drop  will 
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be  lower  than  that  calculated  using  this  simplified  equation.  The  temperature 
of  sea  water  was  assumed  to  be  2S°C. 

According  to  the  Hagen-Poiseuille  equation: 


Apc  =  32  yL  — 


where 


(1-22) 


Apg  =  pressure  drop  in  hollow  fibers, 
v  =  average  velocity  of  feed  in  hollow  fibers, 
y  =  viscosity  of  feed  at  sea  water  temperature, 

L  =  length  of  hollow  fibers, 

d.^  =  internal  diameter  of  hollow  fibers. 

The  average  velocity  of  the  feed  can  be  calculated  as  follows 


v  =  flow  rate/cross-sectional  area  = 


F*4 

(fld^N) 


(1-23) 


The  membrane  area  requirement  is  fixed  by  the  desired  separation: 


Membrane  area  required  *  A  =  lid  LN  . 

mo 

Rearranging  eqn.  (1-23),  one  obtains 


(1-24) 


N  = 


■nd  L 
o 


(I-2S) 


Substituting  eqns.  (1-23)  and  (1-25)  into  eqn.  (1-22),  one  obtains 
128  yL2!)  F1  „ 

Ap„  =  - t — -  (dynes/cni  )  .  (1-26) 

D?‘Am 

The  pressure  drop  units  can  be  converted  to  cms.  of  water  by  multiplying 

-4 

by  0.00102289.  The  viscosity  of  the  feed  was  estimated  to  be  1.7S  x  10 
poise. 
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Membrane  separation  is  now  a  well-established  technology,  particularly  bccavsc  of  the 
variety  of  applications  of  reverse  osmosis  and  membrane  utlrafilttation.  Some  of  these 
applications  arc  on  a  substantial  scale,  such  as  in  the  desalination  of  brackish  and  sea  water. 
Membrane  separation  has  become  economically  competitive  in  these  areas  because  of  the 
development  of  high-dux  asymmetric  membranes  and  the  ability  to -hricate  such  memhi ines 
in  the  form  of  hollow  fibers.  In  recent  years,  further  progress  in  membrane  science  has 
resulted  in  the  successful  application  of  memhrane  technology  t«  the  separation  of  gases  of 
industrial  interest.  A  number  of  large-scale  membrane  plants  (o;  the  separation  of  hydrogen 
from  vurious  industrial  gas  streams  and  for  the  recovery  of  carbon  dioxiue  in  extended  oil 
recovery  are  presently  in  operation.  These  memhrane  proccsiei  are  competitive  with  con¬ 
ventional  gas  separation  techniques.  The  separation  of  several  other  important  gases  by 
selective  membrane  permeation,  such  as  of  oxygen  from  air.  is  being  studied  in  many 
laboratories.  It  is  anticipated  that.  In  a  not  too  distant  (utute.  competitive  membrane 
processes  will  hceomc  available  also  (or  the  separation  of  liquid  mixtures,  such  as  areot topes 
ami  mixtures  ur  organic  compounds.  The  discussion  will  outline  the  engineering  and 
economic  factors  affecting  the  development  of  memhrane  processes  for  the  separatum  of 
both  gases  and  liquids,  arid  will  summarize  the  stnle-of-the-art  in  these  areas. 


1.  INTRODUCTION 

The  development  of  membrane  processes  for  the  separation  of  gas 
mixtures  has  made  remarkable  prepress  during  the  last  two  decades.  The 
basic  concept  underlying  this  technology,  namely,  the  selective  per¬ 
meation  of  gases  through  nonporous  polymer  membranes,  appeurs  to 
have  first  been  proposed  by  Graham  (1)  is  early  as  1S£6.  A  full  century 
later,  in  the  early  1960's,  me  ’Vane  processes  tor  gas  separations  were 
still  being  studied  largely  on  a  laboratory  scale. 

Today,  over  100  me;  Vane  separation  plants  are  in  operation  in  the 
United  State :  as  well  as  in  Europe  and  in  Japan.  Most  of  these  plants  are 
for  the  separation  of  Hj  from  various  industrial  gas  streams,  such  as  in 
NHj  and  CHjOH  synthesis,  in  pctrolem  refining,  and  in  petrochemical 
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operations.  However,  a  number  of  membrane  plants  separate  CO2  in 
enhanced  oil  recovery  (EOR),  from  natural  gas,  and  from  landfill  gas, 
while  a  few  plants  separate  air  to  produce  96%  N2  for  the  “inerting” 
(blanketing)  of  fuel  tanks.  The  largest  membrane  separation  plant,  which 
was  designed  to  separate  CQ2  from  mixtures  with  hydrocarbons  in  OER, 
has  been  reported  to  process  50  x  106  cu.  ft.  (1.4  x  106m3)  of  feed  gas / 
day  (2).  Many  other  membrane  processes  for  the  separation  of  gas 
mixtures  are  being  studied  at  present  both  on  a  laboratory  and  pilot-plant 
scale,  as  can  be  seen  from  Table  I.  It  has  been  estimated  that  the  total 
available  market  for  membrane  separation  processes  couid  reach  $500 
million  between  now  and  1990. 

The  great  interest  in  membrane  separation  technology  is  due  mainly  to 
the  fact  ihat  it  is  potentially  energy-efficient.  In  addition,  the  required 
process  equipment  is  simple,  compact,  and  relatively  easy  to  operate  and 
control.  Moreover,  this  equipment  is  modular  and  can  be  easily  scaled  up 
or  operated  by  reduced  capacity  if  necessary.  Membrane  separation 
became  economically  competitive  in  1961,  when  Locb  and  Sourirajan  (3) 
developed  their  high-flux,  asymmetric  membranes  of  cellulose  acetate  for 
water  desalination  by  reverse  osmosis.  Asymmetric  membranes  can  now 
be  made  from  many  types  of  polymers,  and  arc  being  employed  for  the 
separation  of  gases  both  in  sheet  form  and  in  the  form  of  composite 
hollow  fibers.  However,  the  greatest  impetus  to  the  development  of 
membrane  separation  technology  was  given  by  the  energy  crisis  of  1973. 
which  occurcd  just  at  the  time  when  this  technology  had  reached  a 
significant  degree  of  maturity. 

The  objective  of  the  present  paper  is  to  summarize  some  of  the  charac* 


TABLE  I 

Membrane  processes  (or  ths  separation  ot  gas  mixtures 


Hi  from  ammonia  aynthesis  purge  [as 
Hs  from  methanol  synthesis  purge  gas 
H»  from  hydrodewlfuruer  purge  gas 
H*  from  hydrogeoawr  purge  gai 
H,  from  petrochemical  synthesis  gas 
Oi  and  Nt  from  air 

CO*  separation  in  enhanced  oil  recovery 

CH»  from  biomass,  landfill,  cost  mine,  and  oil  field  gases 

CHi  from  tow  BTU  (COs-  and  Nj-rich)  natural  gas 

He  recovery  from  natural  gas 

CO*  and  H*S  scrubbing  of  add  gases 

Dehydration  of  natural  gas  and  of  industrial  gases 

Separation  of  Kr  and  Xe  from  nuclear  reactor  atmospheres 
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teristics  of  membrane  processes  for  the  separation  of  gas  mixtures,  and  to 
highlight  new  and  promising  developments  in  this  field. 


II.  MECHANISM  OF  GAS  PERMEATION 

It  is  generally  accepted  that  gases  permeate  through  nonporous  polymer 
membranes  by  a  ‘‘solution-diffusion’*  mechanism  (4-8).  This  mechanism 
can  be  described  with  reference  to  Figure  1,  which  shows  a  cross-section 
through  a  planar  membrane.  Application  of  gas  pressure  at  one  interface 
of  such  a  membrane  results  in  the  following  sequence  of  events:  (1) 
solution  (absorption)  of  the  gas  into  the  membrane  at  that  interface.  (2) 
molecular  diffusion  of  the  gas  in  and  through  the  membrane,  and  (3) 
release  of  the  gas  from  solution  (desorption)  at  the  opposite  interface. 
The  term  permeation  is  accordingly  used  to  describe  the  overall  mass 
transport  of-transport  of  ‘‘penetrant"  gas  across  the  membrane,  whereas 
the  term  diffusion  refers  only  to  the  movement  of  gas  molecules  inside 
the  polymer  matrix. 

In  most  cases  of  interest  in  membrane  separations,  molecular  diffusion 
is  the  slowest  and.  hence  the  rate-determining  step  in  the  permeation 
process.  By  contrast,  the  absorption  and  desorption  steps  are  so  fast  that 
solution  equilibrium  is  usually  established  at  the  membrane  interfaces. 
Diffusion  of  a  gas  in  and  through  a  polymer  membrane  can  usually  be 
described  by  Fick's  two  laws.  By  solving  Fick’s  lows  for  the  desired 
physical  conditions,  i.c.,  for  the  appropriate  initial  and  boundary  con¬ 
ditions.  it  is  possible  to  formulate  the  rate  of  diffusion  J  as  well  as  the 
penetrant  concentration  profile  within  the  membrane.  J  is  also  the  rate  of 
gas  permeation  through  the  membrane  since,  as  mentioned  above, 
diffusion  is  rate  controlling.  Crank  (8)  and  lost  (9)  have  described  various 
methods  of  solving  Fick’s  equations  for  different  membrane  geometries 
and  boundary  conditions,  for  constant  and  variable  diffusion  coefficients, 
and  for  both  transient  and  steady-state  transport. 

From  a  practical  viewpoint,  it  is  of  interest  to  determine  the  rate  of  gas 
permeation  under  steady^state  conditions,  J,,  as  well  as  the  dependence  of 
this  rate  on  pressure  and  temperature.  Steady-state  is  achieved  if.  at  a 
given  temperature,  the  constant  pressures  p*  and  pf  (<p*)  arc  maintained 
at  the  two  membrane  interfaces,  respectively.  For  example,  the  following 
expression  can  be  derived  from  Fick’s  first  law  for  the  steady-state  rate  of 
gas  permeation  through  a  planar,  isotropic,  and  homogeneous  membrane 
of  thickness  6  (4,  5): 


J.  =  ?(P*  ~  Pr)f&, 


(1) 
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PENETRANT 
CONCENTRATION.  C 


FIGURE  1  "Solution-diffusion"  mechanism  of  gas  pqrmation.  Cross-section  of  a  non- 
porous  polymer  membrane. 
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where  P  is  a  mass-transfer  coefficient  known  as  the  mean  "permeability 
coefficient"  or  the  "permeability”;  eqn.  (I)  refers  to  a  specified  tem¬ 
perature  and  unit  area  of  membrane. 

It  can  be  further  shown  that  when  ph  »  pf.  as  is  the  case  in  membrane 
separation  processes,  the  permeability  coefficient  P  is  a  product  of  a 
mean  diffusion  coefficient  5  and  a  solubility  coefficient  S*: 

P  =  D-S*.  (2) 


where 


|  D(c)dc 
a  (C/,  -  cj- 

S*  =  c  (4) 

and  where  c*  and  c<  arc  the  equilibrium  concentrations  of  penetrant 
dissolved  at  the  two  membrane  interfaces  when  the  penetrant  pressures  at 
these  interfaces  arc  p(l  and  p,,  respectively;  and  D(c)  is  the  mutual 
diffusion  coefficient  for  the  pcnctrant/ntembranc  system.  In  the  most 
general  case,  P  depends  on  the  nature  of  the  penetrant  and  the  polymer 
membrane,  on  both  p;,  and  p«.  and  on  the  temperature. 

Similarly,  it  can  be  shown  that  the  steady-state  rate  of  gas  permeation 
through  a  tubular  membrane,  such  as  a  capillary  or  hollow  fiber,  is  given 
by  the  relation: 


1  B  b2*L(p»  ~  P<) 

r”RlVK|)  ’ 


(5) 


where  Ro  and  R|  are  the  effective  outer  and  inner  radii  of  the  tube,  and  L 
is  the  length  of  the  tube. 

The  rate  of  permeation  of  a  component  of  a  gas  mixture  is  also  given  by 
eqns.  (I)  or  (5),  but  the  permeability  coefficient  P  may  then  be  a 
function  of  composition  as  well,  where  pft  and  pr  arc  then  the  partial 
pressures  of  that  component  of  the  two  membrane  interfaces. 

The  stlectivity  of  a  nonporous  membrane  toward  two  different  com¬ 
ponents  A  and  B  of  a  permeating  gas  mixture  is  usually  expressed  in 
terms  of  an  ideal  separation  factor,  ot\  which  is  defined  by  the  relation(s): 

ot*(A/B)  ■  PA/F 


(6) 
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If  the  membrane  exhibits  a  higher  selectivity  for  component  A  than 
for  B  (i.e.  at  equal  partial  pressures,  A  permeates  faster  through  the 
membrane  than  B)  then  a*(A/B)>l,  whereas  the  opposite  is  true  if 
a*(A/B)  <  1.  No  separation  can  occur,  of  course,  when  a*(A/B)  ®  1.  The 
idea!  separation  factor  is,  therefore,  a  separation  index  similar  to  the 
relative  volatility  used  in  distillation. 


111.  PRINCIPLES  OF  MEMBRANE  PROCESS  DESIGN 
A.  General  Considerations 

Gas  mixtures  arc  separated  by  selective  permeation  through  a  polymer 
membrane  in  devices  known  as  “pcrmcators".  The  permeator  is  the 
basic  membrane  separation  unit,  or  stage,  and  consists  essentially  of  a 
high  pressure  vessel  containing  a  large  area  of  membrane.  The  vessel  is 
provided  with  an  inlet  for  the  gas  mixture  to  he  separated  (the  “feed  ’) 
and  oudets  for  two  or  more  product  streams.  Additionally,  the  permeator 
is  provided  with  the  necessary  piping  and  valving,  and  with  instrumen¬ 
tation  for  the  control  and  measurement  of  flow  rates,  pressures,  and 
temperature.  The  compositions  of  the  feed  and  product  streams  are  also 
monitored. 

The  operation  of  a  conventional  permeator  is  illustrated  in  Figure  2, 
where  the  permeator  is  represented  conceptually  as  a  “black  box" 
separated  into  two  compartments  by  a  planar  membrane.  The  feed 
stream  flows  through  one  of  the  compartments  at  some  suitable  pressure 
p*,  which  is  usually  maintained  constant.  The  opposite  compartment  is 
maintained  at  seme  lower  constant  pressure.  p(.  A  'taction  of  the  feed, 
known  as  the  “stage  cut",  is  allowed  to  permeate  through  the  membrane 
into  the  low-pressure  compartment.  The  feed  streum  is  thereby  separated 
into  two  product  streams:  (a)  a  permeated  (low-pressure)  stream  enriched 
in  the  faster  permeating  components  of  the  feed,  and  (b)  un  unpcrmcatcd 
(high-pressure)  stream  depleted  in  these  components.  The  magnitude  of 
the  stage  cut  will  depend  on  the  feed  flow  rate,  the  memorane  area,  and 
the  pressure  ratio  r  ■»  p*/pf. 

It  should  be  noted  that  the  membrane  need  not  be  planar,  or  in  sheet 
form,  as  is  shown  in  Figure  2,  but  can  also  be,  and  most  often  is  in  the 
form  of  a  bundle  of  hollow  fibers  or  capillaries.  A  diagram  of  a  hollow 
fiber  permeator  is  shown  in  Figure  3,  where  the  high-  and  low-pressure 
streams  are  represented  as  flowing  countercurrcntly  to  one  another.  It  is 
seen  (hat  a  hollow  fiber  permeator  greatly  resembles  a  tubular  heat 
exchanger. 
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FACTORS  AFFECT  LltG  PMMCUC2EK1UQHS  AHD  mfflRM-ABEA 

1)  Feed  Compos  mo* 

2)  Nature  or  Pemrrane 

3)  Temperature 

k)  Pressures  %  and  p<  (*  %) 

5)  Stage  Cur  t  («  P2/F? 

6)  Flos  Pavceams  or  High*  amo  low-Pamuas  Sides  op  Remjrare 


FIGURE  2  Diagram  of  pcrmcatur  (unglc  permeation  stage). 


Given  the  composition  of  the  feed  stream,  the  process  designer  must 
select  a  membrane  with  a  suitable  gas  selectivity  and  permeability.  He 
may  be  guided  in  this  task  by  the  criteria  discussed  in  a  following  section. 
The  process  designer  then  wishes  to  determine  the  compositions  of  the 
product  streams  and  the  membrane  area  requirement  for  various  operating 
conditions.  The  extent  of  separation  achievable  in  a  permeator  (be.  in  a 
single  permeating  stage),  and  hence  the  compositions  of  the  product 
streams,  will  depend  on  the  following  factors  (5.  10—12),  ct.  Figure  2: 

Feed  composition 
Mature  of  the  membrane 
Pressures  p*  and  pr 
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TOO  STREAM  SINGLE  HOUDw  FIBER 


i-.GURE  3  Hollow-fiber  pcrmealor. 


Temperature 
Stage  cut 

Flow  patterns  of  the  high-  and  low-pressure  streams  in  the 
pcrmcator. 

The  flow  rates  of  the  product  streams  are  determined  by  the  feed 
flow  rate,  and  by  the  selected  stage  cut  and  pressure  ratio  r(=p(l/p,).  The 
membrane  area  also  depends  on  the  above  factors  as  well  as  on  the  feed 
flow  rate. 

The  first  four  factors  listed  above  arc  expressed  by  the  permeability 
coefficient  P.  whose  numerical  value  must  Ik  determined  experi¬ 
mentally  for  the  desired  conditions  or  predicted,  if  possible  from  suitable 
correlations.  The  effects  of  the  last  two  factors  arc  discussed  below. 


B.  Effect  of  Stage  Cut 

Consider  the  membrane  separation  of  a  binary  gas  mixture  of  com¬ 
ponents  A  and  B.  where  A  is  assumed  to  be  the  more  rapidly  permeating 
component.  The  effect  of  the  stage  cut  8  on  the  composition  of  the 
permeated  product  stream  (the  "permeate”)  is  illustrated  in  Figure  4  for  a 
hypothetical  separation  process.  The  stage  cut  0  is  the  fraction  of  the  feed 
permeating  through  the  membrane;  thus,  if  F.  P1(  and  Pj  are  the  total 
flow  rates  of  the  feed,  unpcrmcated,  and  permeated  streams,  respectively, 
then  9*  P^F. 

It  is  seen  from  Figure  4  that,  for  specified  values  of  a'l-p{A }l 
P(8)}  and  of  r(*p*/pr),  the  highest  concentration  of  component  A  in 
the  permeate  is  obtained  in  the  limit  0-»Q.  i.e.  when  an  infinitesimal 
fraction  of  the  feed  permeates  through  the  membrane.  As  0  is  increased, 
the  concentration  of  A  in  the  permeate  decreases.  When  0  »  1,  the  other 
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FIGURE  4  Effect  of  "Mage  cut"  on  permeate  composition.  More  permeable  component: 
A(Pa>Pb). 

limit,  no  separation  is  obtained  because  all  the  feed  is  forced  through  the 
membrane  (P2  =  F). 

The  process  designer  is  thus  faced  with  an  optimization  problem.  In 
order  to  increase  the  concentration  of  component  A  in  the  permeate  (at  a 
given  ct’  and  t)  he  must  decrease  8,  thereby  decreasing  also  the  permeate 
flow  rate,  and  vice  versa.  At  a  given  8,  the  concentration  of  A  in  the 
permeate  can  be  increased  by  increasing  or*  or  r,  or  both  these  para- 
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meters.  The  value  of  a*  depends  on  the  chemical  composition  and 
morphology  of  the  membrane.  The  possibility  of  increasing  a°  for  a  given 
pair  of  penetrant  gases  depends,  therefore,  on  the  ability  of  polymer 
chemists  to  synthesize  more  highly  gas-selective  membranes.  The  value  of 
the  pressure  ratio  r  is  usually  limited  by  economic  considerations. 


C.  Effect  of  Flow  Pattern 

The  extent  of  separation  achievable  in  a  single  pcrmcator  and  the 
required  membrane  area  depend  also  on  the  flow  patterns  of  permeated 
and  unpcrmcatcd  gas  streams,  relative  to  one  another,  in  the  pcrmcator 
(5,  10-12).  Four  such  patterns,  for  '‘perfect  mixing",  cross  flow, 
concurrent  flow,  and  countercurrent  flow,  are  illustrated  diagram- 
matically  in  Figure  5. 

In  the  "perfect  mixing”  case  it  is  assumed  that  the  unpcrmcatcd  high- 
pressure)  gas  stream  in  the  pcrmcator  is  mixed  so  rapidly  that  its  com- 


p* 


n 

~L  ~L 

FEED 

— -  — -  — 

COUNTERCURRENT  FLOW 

FtGURE  5  Flow  piuctni  in  tingle  permeation  ttige.  P, «  Unpcrmcatcd  Product;  P2 
Permeated  Product. 
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position  at  all  points  in  the  permeator  is  the  same  as  that  at  the  pcrmeator 
outlet.  The  same  assumption  is  made  for  the  permeated  (low-pressure) 
stream.  A  step-wise  change  in  the  feed  composition  occurs  here  at  the 
permeator  inlet,  as  is  the  case  in  the  ideal  continuous  stirred  tank  reactor 
(CSTR).  The  other  flow  patterns  illustrated  in  Figure  5  are  self-explan¬ 
atory.  In  these  cases,  the  composition  of  both  the  permeated  and  unper¬ 
meated  streams  vary  continuously  from  the  inlet  to  the  outlet  of  the 
permeator,  both  streams  becoming  depleted  in  the  more  rapidly  per¬ 
meating  component(s). 

The  effect  of  the  flow  pattern  in  a  permeator  on  the  separation  of  a 
hypothetical  mixture  of  components  A  and  B  is  shown  as  a  function  of 
stage  cut  in  Figure  6.  The  plot  is  for  given  values  of  a*  and  of  the  pressure 
r,  and  A  is  again  assumed  to  be  the  more  rapidly  permeating  component. 
As  is  indicated  in  Figure  6,  countercurrent  flow  is  the  most  efficient  flow 
pattern  at  any  given  stage  cut  0  <  8  <  1 .  in  that  it  yields  the  highest 
concentration  of  A  in  the  permeate.  It  can  also  be  shown  that  counter- 
current  flow  requires  the  smallest  membrane  area.  By  contrast,  “perfect 
mixing"  is  the  least  efficient  flow  pattern  in  these  respects.  Other  flow 
patterns  yield  intermediate  results. 

The  difference  in  the  effects  of  the  above  flow  patterns  on  the  extent  of 
separation  and  membrane  area  requirements  is  more  pronounced  the 
larger  the  values  of  a*  and  r.  However,  all  flow  patterns  yield  the  same 
results  in  the  stage-cut  limits  0—0  and  0—  1, 

The  factors  affecting  the  separation  of  gas  mixtures  by  selective 
permeation  arc  now  well  understood.  The  performance  of  pcrmcaiors  can 
be  predicted  with  confidence  for  any  desired  operating  conditions  from 
suitable  mathematical  models  (5.  10.  13-24).  if  the  pertinent  pcrmcabilty 
coefficients  are  known. 


IV.  NEW  CONCEPTS  IN  MEMBRANE  PROCESS  DESIGN 
A.  Motivation 

At  the  present  time,  the  number  of  membrane  processes  for  gas  separ¬ 
ations  which  are  economically  viable  is  very  limited  because  of  the  lack 
of  membranes  w-ith  a  sufficiently  high  selectivity  and  permeability  toward 
a  spectrum  of  different  gases.  This  situation  is  not  surprising  since  most 
available  membranes  of  commercial  origin  were  developed  for  purposes 
other  than  for  gas  separation,  c.g.  for  packaging.  Considerable  work 
aimed  at  the  synthesis  of  more  highly  gas-scicctive  membranes  for  a 
variety  of  separation  processes  is  currently  in  progress  in  many  labor- 
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FIGURE  6  Effect  of  "stage  cut"  on  permeate  composition  for  different  flow  patterns. 
More  permeable  component:  A(P''>P"). 


atories.  However,  the  extent  of  separation  that  can  be  achieved  in  a 
membrane  process  can  also  be  considerably  enhanced  in  some  eases  by 
several  process  design  techniques,  using  already  available  membranes. 

A  well-established  technique  of  increasing  the  extent  of  separation  in  a 
membrane  process  is  to  connect  two  or  more  permeators  in  series  to  form 
a  countercurrent  cascade,  cf.  Figure  7.  The  permeated  stream  from  each 
permeator  is  recompressed  and  used  as  feed  for  the  succeeding  permeator, 
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while  the  unpermeated  stream  is  returned  and  mixed  with  the  feed  to  the 
preceding  permeator.  Large  cascades  using  porous  barriers  as  separation 
elements  are  presently  used  in  several  countries  for  the  separation  of 
uranium  isotopes  by  gaseous  diffusion.  The  principles  of  cascade  design, 
as  applied  to  the  separation  of  gas  mixtures  with  nonporous  polymer 
membranes,  have  been  discussed  by  a  number  of  investigators  (5,  25). 

Economic  evaluations  show  that,  with  few  exceptions,  permeation 
cascades  are  not  competitive  with  conventional  separation  techniques 
even  if  only  two  permeators  in  scries  are  required.  Of  course,  a  number 
of  permeators  can  always  be  connected  in  parallel  in  order  to  increase 
product  output.  Two  relatively  new  concepts  in  membrane  process 
design,  which  are  discussed  below,  may  prove  to  be  more  economical 
than  the  staging  of  permeators  in  cascades.  These  concepts  involve  (1)  the 
use  of  various  product  recycling  techniques,  and  (2)  the  use  of  two  (or 
more)  different  types  of  membrane  in  a  permeator,  each  type  being 
selective  to  a  different  component  of  a  feed  mixture  (26).  A  special 
recycle  permeator  known  as  the  “continuous  membrane  column”  deserves 
special  consideration.  The  use  of  a  “purge"  or  “sweep”  gas  on  the 
permeate  side  of  a  permeator  is  also  discussed. 

B.  Recycle  Permeators 

A  potentially  efficient  method  of  enhancing  the  extent  of  separation  is  to 
recycle  a  fraction  R  of  the  permeated  product  stream  into  the  feed  stream 
as  shown  in  Figure  8.  The  effect  of  product  recycling  is  illustrated 
qualitatively  in  Figure  9  for  a  hypothetical  binary  mixture  and  membrane. 
The  figure  shows  the  concentration  of  the  more  rapidly  permeating  com¬ 
ponent  of  the  mixture.  A,  in  the  permeate  as  a  function  of  the  overall 
stage  cut  0  =  (1  -  R)P>/F  and  for  various  values  of  R.  For  R  =  0,  i.c.,  for 
the  case  where  the  permeator  is  operated  without  recycle,  one  obtains  the 
usual  permeation  behavior  described  earlier:  the  maximum  concentration 
of  A  is  obtained  when  0— *  0,  while  no  separation  is  achieved  when  0— *  1. 
For  a  given  flow  pattern  (c.g.,  countercurrent),  the  concentration  of  A 
will  increase  with  increasing  ideal  separation  factor  a't  When  part  of  the 
permeated  products  is  recycled  to  the  feed  (0<R<1),  the  concen¬ 
tration  of  A  in  the  plots  of  Figure  9  is  seen  to  increase  with  increasing  R 
above  the  values  obtainable  without  product  recycle  (R  =  0)  for  the  same 
a'  and  r.  For  large  recycle  fractions,  R,  the  plot  of  concentration  of 
component  A  in  the  permeated  product  tends  to  develop  a  sharp  maximum 
as  R  is  increased. 

The  effectiveness  of  recycling  is  illustrated  quantitatively  in  Figure  10 
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FIGURE  8  Recycle  petmeatora  (a)  Peimcator  without  permeate  recycling;  (b)  Recycle 
pcrmcaior ;  (c)  Feed  inlet  poiau  in  recycle  permeatot. 
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FIGURE  9  Effect  of  "nape  cot"  and  permeate  recycle  fraction  on  permeate  composition. 
More  permeable  component:  A(P*  >  P*J. 
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FIGURE  10  Air  separation  in  a  recycle  permeator.  Effect  of  overall  “stage  cut"  on 
permeate  composition.  Countercurrent  Flow. 
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for  the  case  of  air  separation.  In  this  example,  air  is  taken  to  be  a  binary 
mixture  of  20.9  mol  %  02  and  79.1  mol  %  N2.  It  is  also  assumed  that  a 
membrane  with  an  ideal  separation  factor,  a*(02/N2),  of  10  is  used  and 
that  the  pressure  ratio  r  is  5;  the  assumed  value  of  e*  cannot  be  obtained 
with  any  of  the  solid  polymer  membranes  available  at  present,  but  should 
be  achievable  with  some  “facilitated  transport"  membrane.  Figure  10 
shows  that  the  02  concentration  in  the  permeated  product  stream  passes 
through  a  maximum  at  a  stage  cut  8  =  0.1-03  when  R  3:0.6,  and  that 
this  maximum  increases  very  rapidly  with  increasing  R  values.  However, 
the  power  and  capital  investment  costs  of  the  permeation  process  also 
increase  very  rapidly  with  increasing  R,  because  of  the  increase  in  the 
volume  of  gas  recycled  and  in  membrane  area  requirements  (see  Figure 
11). 

C.  The  Continuous  Membrane  Column 

An  examination  of  Fig.  8  suggests  that  the  feed  stream  need  not  be 
introduced  into  the  pcrmcator  at  the  recycle  end  of  the  stage,  as  is  shown 
in  that  figure.  The  feed  can  be  inserted  anywhere  between  the  two  ends 
of  the  pcrmcator,  either  in  the  high-pressure  or  low-pressure  com¬ 
partment,  as  illustrated  in  Figure  8  (feed  locations  A  or  B).  In  such  cases, 
the  pcrmcator  <s  ’ransformed  into  a  membrane  separation  device  some¬ 
times  called  a  “continuou',  membrane  column"  (CMC),  which  is  shown  in 
more  detail  in  Figure  12a.  This  device  was  apparently  first  described  by 
Pfcfferlc  (27),  and  has  been  studied  in  recent  years  by  I  Iwang  and  co¬ 
workers  (c.g.,  (28)). 

Referring  to  Figure  I2a,  the  CMC  is  seen  to  consist  of  an  enriching 
section  and  a  stripping  section,  not  necessarily  of  the  same  length.  The 
product  streams  can  be  recycled  both  at  the  top  and  the  bottom  of  the 
CMC.  The  roles  of  the  enriching  and  stripping  sections  arc  the  same  as 
those  in  distillation  columns,  namely,  to  obtain  the  maximum  separation 
as  well  as  recovery  of  a  desired  component  from  the  feed  mixture. 

The  principle  of  operation  of  the  CMC  is  somewhat  similar  to  that  of  a 
thermal  diffusion  column:  the  local  separation  of  a  gas  mixture  due  to 
permeation  (or  thermal  diffusion)  at  any  point  in  the  column  may  be 
small,  but  this  elementary  separation  is  multiplied  many  times  as  the  gas 
mixture  flows  axially  toward  the  ends  of  the  column.  The  more  rapidly 
permeating  component  is  concentrated  on  the  low-pressure  side  of  the 
CMC  in  the  low-pressure  gas  stream. 

The  extent  to  which  a  gas  mixture  can  be  separated  in  a  CMC  will 
depend  on  the  recycle  fraction  R  for  a  given  membrane  (i.e.  for  a  given 
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FIGURE  12  The  continuous  membeane  column. 


ot*),  on  the  pressure  ratio  r,  and  on  the  stage  cut  0.  Typical  results  are 
shown  in  Figure  13  for  the  separation  of  air,  assuming  that  ot*  (03/Nj)  = 
10  and  r«»5.  The  feed  (air)  is  inserted  on  the  high-pressure  side  of  the 
CMC  and  at  column  pressure,  at  a  point  where  the  gas  in  the  CMC  has 
the  same  composition  as  the  feed. 

It  is  seen  from  Figure  13  that  the  concentration  of  Oj  in  the  permeated 
product  stream  does  not  exhibit  a  maximum  as  was  the  case  in  the  recycle 
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permeator.  Rather,  the  concentration  of  02  increases  continuously  at 
constant  R  as  9  is  decreased.  The  concentration  of  02  also  increases  at 
constant  9  as  R  is  increased,  but  only  at  lower  values  of  0.  Therefore,  in 
principle,  it  should  be  possible  to  separate  a  binary  mixture  in  a  CMC  to 
almost  any  desired  extent  by  operating  this  device  at  a  sufficiently  high  R 
and  low  0. 

D.  Multimembrane  Permeators 

Onno,  Kimura,  and  their  coworkers  (29-33)  have  made  the  ingenious 
suggestion  that  the  extent  of  separation  of  a  binary  gas  mixture  by 
selective  permeation  can  be  substantially  enhanced  by  using  two  different 
types  of  polymer  membrane  instead  of  a  single  type.  Each  of  the  two 
types  of  membrane  is  chosen  to  be  selective  toward  a  different  com¬ 
ponent  of  the  mixture  to  be  separated.  For  example,  when  separating  a 
mixture  of  components  A  and  B,  one  membrane  (designated  hereafter  as 
membrane  A)  must  be  more  permeable  to  component  A,  while  the  other 
membrane  (designated  as  membrane  B)  must  be  more  permeable  to 
component  B.  A  diugram  of  a  permeator  enclosing  two  different  types  of 
membrane  simultaneously  is  shown  in  Figure  14.  As  is  seen  from  the 
figure,  the  high-prcssurc  feed  is  separated  into  three  product  streams: 

a)  A  permeated  (low-pressure)  stream  P>(A)  produced  by  membrane  A 
and  enriched  in  component  A; 

b)  A  permeated  (low-pressure)  stream  P;(B)  produced  by  membrane  B 
and  enriched  in  component  B; 

c)  An  unpcrmcatcd  (high-pressure)  stream  P,.  which  cun  be  either 
enriched  or  depleted  in  component  A. 

The  extent  of  separation  achievable  in  a  two-mcmbranc  permeator  and 
the  required  membrane  ureas  depend  on  the  same  factors  as  listed 
previously  for  single-membrane  pcrmeatois;  however,  one  has  to  con¬ 
sider  two  independent  stage  cuts  8A  and  6n.  orre  for  each  membrane,  and 
(if  necessary)  two  different  pressures  for  the  two  permeated  streams. 

Mathematical  models  describing  the  separation  of  binary  and  multi¬ 
component  mixtures  in  two-membranc  permeators  have  been  developed 
recently  for ;  variety  of  operating  conditions  (34-36).  Typical  results  arc 
presented  in  Figure  15  for  a  hypothetical  mixture  of  components  A  and 
B,  and  for  two  hypothetical  membranes  A  and  B  with  reversed  sclcc- 
tivitics  for  the  components  ot  the  mixture  ja*(,VB) «  10  and  au(A/B)  «= 
0.1,  where  the  subscripts  designate  the  membrrne  type). 

Figure  15  shows  the  concentration  of  component  A  in  the  three  product 
streams  as  a  function  of  the  stage  cuts  0A  and  Go-  is  seen  that,  for  any 
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FIGURE  14  Diagram  of  pcrmcaior  wi.h  two  different  tjpcj  of  membrane. 

given  value  of  0A,  the  concentration  of  component  A  increases  as  8D  is 
increased,  particularly  in  the  permeate  from  membrane  A.  This  behavior 
is  due  to  the  fact  that,  as  0B  increases,  more  component  B  permeates 
through  membrane  B.  Therefore,  the  unpermeated  (high-pressure) 
stream  is  enriched  in  component  A;  the  permeate  from  membrane  A  is 
then  also  enriched  in  that  component.  Figure  15  also  shows  that  a  much 
higher  separation  can  be  achieved  in  a  two-mcmbranc  permeator  than  in 
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FIGURE  15  Effect  ol  "stage  cuts"  on  compositions  of  product  streams  from  a  two- 
membrane  permeator.  aj,  *  10;  rA(ap,/p,,M)  »  5:  f*(*p*fpiiui)  “  5  “Perfect 

muung"  conditions.  Concentration  of  component  A  in  feed:  21  molc-%. 


PERMEATED  STREAM  UNPERMEATED  PERMEATED  STREAM 

P2(S)  STREAM  P,  PAA) 
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a  single-membrane  permeator  provided  with  membrane  A.  provided  that 
ob(A/B),  0n,  and  rn  are  sufficiently  large  (r»  is  the  ratio  of  pressures 
pA/pf(B)  on  the  two  sides  of  membrane  B). 

Two-membrane  and  single-membrane  nermcators  also  differ  in  other 
respects.  For  example,  the  most  efficient  mode  of  operating  a  two- 
membrane  permeator,  i.e.  the  mode  yielding  the  highest  degree  of  gas 
separation  and  requiring  the  smallest  membrane  area,  could  be  either 
under  countercurrent  flow  or  "perfect  mixing"  conditions,  depending  on 
the  relative  values  of  the  stage  cuts  0A  and  0B  (see  Figure  16).  By 
contrast,  countercurrent  flow  is  always  the  most  efficient  mode  of 
operating  a  single-membrane  permeator. 

E.  Permeators  with  Purge  Streams 

A  concept  which  is  not  new.  but  which  seems  to  have  received  relatively 
little  attention,  is  the  use  of  a  "purge"  or  “sweep"  gas  on  th:-  permeate 
(low-pressure)  side  of  a  permeator.  This  procedure  would  decrease  "he 
partial  pressures  of  the  permeate  components,  and  thus  increase  the  rates 
of  permeation  of  these  components  through  the  membrane.  A  theoretical 
analysis  (23)  has  shown  that,  with  the  proper  amount  of  purging,  the 
membrane  area  requirement  would  be  significantly  reduced  with  only 
insignificant  dilution  of  the  permeated  ptoduct.  If  the  permeator  is 
operated  countercurrently.  a  small  fraction  of  the  feed  stream  could  be 
used  as  purge  gas.  The  best  results  are  obtained  by  purg:ng  with  an  easily 
condensable  gas:  not  only  is  the  membrane  area  then  reduced,  but  the 
dilution  of  the  permeated  product  can  be  prevented  by  condensing  out 
the  purge  gas  (23). 


V.  MEMBRANE  SELECTION 
A.  Synthetic  Polymer  Membranes 

The  "heart”  of  any  permeation  process  is  the  membrane  that  will  perform 
the  desired  separation.  If  the  permeation  process  is  to  compete  with 
conventional  separation  techniques  from  an  economic  standpoint,  the 
membrane  must  exhibit  the  following  properties: 

1.  A  high  permeability  towards  a  specific  component  (or  components)  to 
be  separated  from  a  gas  mixture. 

2.  A  high  selectivity  for  this  component,  that  is,  a  high  permeability 
relative  to  the  other  components  of  the  mixture. 

3.  Chemical  inertness  and  physical  stability. 
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FIGURE  16  Effect  of  flow  pattern  on  compositions  of  product  streams  from  a  two- 
membrane  pcrmeator.  a\  «  10;  aj  «  0.1;  rA(Bp,,/p,)A,)«>5;  rn(Bp*/pi<B,)  =  5  "Perfect 
mixing"  conditions.  Concentration  of  component  A  in  feed:  21  molc-%. 
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4.  Continuity,  that  is,  absence  of  pinholes  or  other  mechanical  defects. 

A  high  permeability  and  selectivity  are  required  in  order  to  minimize 
capital  investment  and  power  costs  (the  selectivity  must  be  sufficiently 
high  to  yield,  at  least,  the  desired  product  compositions  at  a  practical 
value  of  the  pressure  ratio  r).  The  necessity  for  chemical  inertness  and 
physical  stability  is  self-explanatory.  Membrane  continuity  is  required  in 
order  to  obtain  the  maximum  selectivity  characteristic  of  the  membrane. 
The  presence  of  pores  or  pinholes  in  the  membrane  will  greatly  reduce, 
and  even  destroy,  the  selectivity  for  the  desired  components,  because  of 
Knudsen  flow  or  other  types  of  gas  transport  through  such  imperfections. 

Unfortunately,  nature  is  unkind  to  the  designer  of  membrane  separation 
processes  because  available  polymer  membranes  that  arc  highly  gas- 
selective  exhibit  a  low  intrinsic  permeability,  and  vice  versa.  This  is 
illustrated  in  Tabic  11,  which  lists  permeability  coefficients  and  ideal 
separation  factors  for  He.  N2.  and  Cl  I4  in  a  number  of  membranes.  An 
examination  of  this  table  shows  that  the  membranes  which  arc  highly 
permeable  arc  most  often  in  the  rubbery  polymer  state  at  the  indicated 
temperature,  whereas  the  membranes  which  arc  highly  selective  are  in 
the  glassy  state. 

The  problem  of  producing  a  gas  separation  membrane  that  exhibits 
both  a  high  permeability  and  a  high  gas-selectivity  was  solved  in  the  early 


TABLE  3! 


Permeability  coefficients  and  separation  factors  for  He,  Ns,  and  Cll4 
in  different  polymers 


Temperature, 

T(’C) 

Permeability 
coefficient, 
p(Mc)  x  I010* 

Ideal  separation  factor, 
a'(A/B) 

Polymer 

Hc/N, 

Hc/CH, 

Poly  ( 1  -t  rimethy  Uilyl- 1  -pi  opync> 

25 

4100 

1.95 

0.98 

Silicone  rubber 

30 

230 

1.5 

0.39 

Nitrile  silicone  rubber 

30 

79 

3.8 

0.79 

Ethyl  cellulose  (ethoccl  610) 

25 

35.6 

10.8 

4.8 

Polycarbonate 

30 

67 

15 

19 

Teflon  FEP 

30 

62 

25 

44 

Polystyrene 

30 

35 

16 

15 

Viton  A 

30 

17 

55 

110 

Polyamide  (Nylon  6) 

25 

2.93 

98.8 

— 

Polyfethylcnc  tcrephthalatc) 
(Mylar) 

25 

1.00 

167 

•  167 

Polyvinyl  fluoride 

25 

0,97 

231 

171 

Poly(viny!idene  chloride) 

(Aran) 

25 

0.066 

366 

263 

*  p(He)  is  in  units  of  cm5  (STP)-cmf(s-cmJ>cm  Hg) 
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1960's  by  Loeb  and  Sourirajan  (3).  These  investigators  developed  the 
now  well-known  “phase  inversion”  method  for  the  formation  of  high-flux, 
asymmetric  membranes  (12,  37-41).  While  orginally  intended  for  the 
desalting  of  saline  water  by  the  reverse  osmosis  process,  asymmetric 
membranes  are  now  used  also  for  gas  separations. 

A  cross-section  through  an  asymmetric  membrane  is  shown  in  Figure 
17(a).  The  membrane  consists  of  a  microporous  layer  ( 100-200  pm- 
thick),  one  side  of  which  is  covered  with  a  very  thin  (0.1 -1.0 pm), 
nonporous  “skin”  or  surface  layer.  The  separation  of  gas  mixtures 
through  an  asymmetric  membrane  occurs  in  its  skin,  while  the  micro- 
porous  substrate  provides  the  membrane  with  mechanical  strength.  The 
rate  of  gas  permeation  through  such  a  membrane  will  be  very  high 
because  it  is  inversely  proportional  to  the  effective  membrane  thickness, 
which  is  that  of  the  nonporous  skin.  The  gas-selectivity  of  an  asymmetric 
membrane  can  also  be  high  if,  as  mentioned  above,  the  membrane  is  in 
the  glassy  state.  Asymmetric  membranes  were  first  prepared  from  cellulose 
acetate,  but  can  now  be  made  from  a  variety  of  polymeric  materials. 

It  should  be  noted  that  asymmetric  membranes  may  contain  solvent 
and  water  from  the  casting  and  coagulation  stages  in  their  preparation, 
and  therefore  must  be  carefully  dried  before  being  used  as  gas  separation 
barriers.  Otherwise,  the  slow  removal  of  solvent  and  water  from  the 
membranes  by  the  permeating  gases  will  cause  a  continuous  increase  in 
the  thickness  of  their  dense  skin,  due  to  the  gradual  collapse  of  the 
microporous  substrate.  This  will  result,  in  turn,  in  a  corresponding 
decrease  in  the  membrane  permeability.  Several  methods  arc  now 
available  for  drying  asymmetric  membranes  without  increasing  their  skin 
thickness  (42-44). 

Another  method  of  preparing  an  asymmetric  membrane  is  to  laminate 
an  ultrathin  (0.05-0.1  pm),  nonporous  film  to  a  much  thicker  (100- 
200  pm)  microporous  backing,  or  support  layer,  as  is  shown  in  Figure  17b. 
The  ultrathin  film  and  backing  of  this  composite  membrane,  which  is 
sometimes  called  a  “thin-fiim  laminate",  have  the  same  functions  as  the 
skin  and  microporous  substrate,  respectively,  of  an  asymmetric  membrane 
of  the  type  described  above.  However,  the  ultrathin  film  and  its  backing 
are  made  of  different  materials,  whereas  the  skin  of  an  asymmetric 
membrane  is  an  integral  part  of  its  substrate.  As  a  result,  the  properties 
and  performance  of  a  thin-film  laminate  can  be  better  controlled,  in 
principle,  than  those  of  a  "skinned”  membrane.  Unfortunately,  the 
preparation  of  ultrathin  films  is  a  delicate  operation  which  cannot  be 
readily  automated  or  scaled  up  (12,  40-41,  45-49). 

A  third  method  of  preparing  an  asymmetric  membrane  is  by  coating  a 
thin  nonporous  film  directly  on  the  surface  of  a  suitable  microporous 
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backing.  This  coated-film  composite  differs  from  a  thin-film  laminate  in 
that  the  coating  penetrates  into  the  pores  of  its  backing  material,  as  is 
illustrated  in  Figure  17c.  Consequently,  the  coating  is  strongly  bonded  to 
its  backing.  A  variety  of  techniques  of  preparing  coated-film  composites 
have  been  described  in  the  literature,  cf.  refs.  (12)  and  (39-41).  An 
important  advantage  of  coated-film  composites  is  that  these  can  be 
prepared  so  that  the  separation  of  gas  mixtures  permeating  through  such 
membranes  occurs  either  in  the  coated  film  or  in  its  backing  (e.g.  if  the 
backing  is  itself  a  "skinned"  membrane). 

Some  asymmetric  membranes,  such  as  the  “skinned"  membranes  and 
the  coated-film  composites,  can  be  produced  in  the  form  of  hollow  fibers 


to) 

'‘SKINNED"  MEMBRANE 
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COATED-FILM  COMPOSITE 
FIGURE  17  Asymmetric  membranes. 
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with  inner  diameters  varying  from  a  few  tenths  to  a  few  hundreds  pm.  A 
cross-section  of  a  “skinned”  asymmetric  hollow  fiber  is  presented  in 
Figure  18;  the  nonporous  skin  is  shown  on  the  outer  surface  of  the  hollow 
fiber,  but  could  as  well  be  formed  on  its  inner  surface.  Hollow-fiber 
permeators  (see  Figure  3)  are  the  most  efficient  membrane  separation 
devices  because  they  can  pack  much  larger  membrane  areas  per  unit 
volume  (>  10.000 m:/m3)  than  permeators  provided  with  membranes  in 
sheet  or  tubular  form  (£l.000m2/m3).  Hollow-fiber  permeators  do  not 
require  membrane  supports  and  separators,  as  do  permeators  utilizing 
sheet  membranes  (platc-and-frame  and  spiral  wound  permeators).  More¬ 
over.  hollow  fibers  can  withstand  pressure  differences  as  high  as  100  atm. 
across  their  walls  if  they  arc  sufficiently  rigid,  e.g.  if  in  the  glassy  state, 
and  if  the  wall  thickness  is  adequate  (O.D.fl.D.  «2,  ref.  (3)). 


MICROPOROUS 

SUBSTRATE 


FtUURE  18  Asymmetric  hollow  fiber 
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The  composite  hollow  fibers  used  so  successfully  by  Monsanto  Company 
in  its  PRISM  permeators  for  the  separation  of !  S2  from  various  industrial 
gas  mixtures  are  “skinned"  asymmetric  hollow  fibers  of  polysulfone 
coated  with  a  thin  film  of  silicone  rubber  (~1  gm-thick).  The  polysulfone 
skin,  which  is  about  (Upm-thick,  is  the  separative  element,  while  the 
only  function  of  the  silicone  rubber  coating  is  to  plug  whatever  micro- 
pores  or  discontinuities  may  be  present  in  the  skin  (12,  50-52).  Poly- 
sulfone  has  a  much  higher  gas-selectivity  than  silicone  rubber.  A  number 
of  other  composite  hollow  fibers  of  this  type  have  been  studied,  for 
example,  polysulfone  (1)  —  polyethylene  (2),  po!y(acrylonitrile  (1)  — 
silicone  rubber  (2),  and  poly(acry!onitriie)-polyethyiene  (2),  where  (1) 
designates  the  “skinned”  hollow  fiber  and  (2)  designates  the  coating 
(50—52).  No  coatir.g  is  required  in  cases  where  the  skin  is  nonporous. 


B.  Facilitated-Transport  Membranes 

The  rate  of  permeation  of  a  gas  through  a  membrane  can  be  greatly 
enhanced  by  mcansof  an  auxilliary  mode  of  transport  known  as  “facilitated" 
or  “carrier-mediated”  transport.  This  mode  may  be  induced  in  some  cases 
by  a  reversible  chemical  reaction  between  the  penetrant  gas  and  a  mobile 
carrier,  which  is  incorporated  in  the  membtanc  and  shuttles  between  the 
membrane  interfaces  (II).  Facilitated-transport  of  a  component  of  a 
permeating  mixture  can  substantially  increase  the  selectivity  of  the 
membrane  towurd  that  component. 

Considc  the  permeation  of  a  mixture  of  components  A  and  B  through 
the  facilitated-transport  membrane  shown  diagramatically  in  Figure  19. 
such  a  membrane  consists  of  a  microporous  support  which  is  impregnated 
with  a  non-volatile  liquid;  the  liquid  is  strongly  held  in  the  pores  of  the 
membrane  by  capillary  forces.  A  mobile  carrier  C  which  can  react 
reversibly  with,  say,  component  A  is  dissolved  in  the  liquid.  The  rever¬ 
sible  react  on  is 


A  +  C  si  AC. 


where  AC  is  a  complex. 

If  a  pressure  (and  concentration)  gradient  of  A  and  B  is  imposed  across 
the  membrane,  from  left  to  right,  the  forward  reaction  will  take  place  at 
the  left  interface  of  the  membrane  to  form  AC.  A  concentration  gradient 
of  AC  is  therefore  established  in  the  same  direction  as  that  of  A.  The 
complex  AC  t  en  diffuses  to  the  right  interface,  where  the  reverse 
reaction  takes  place  to  reform  A  and  C.  Component  A  is  released  from 
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FIGURE  19  FacittOlcU  iranipott  membrane. 


solution  at  the  right  interface  of  the  membrane.  Carrier  C,  being  a 
nonvolatile  molecular  or  ionic  species,  diffuses  b3ck  to  the  left  interface, 
where  it  reacts  again  with  A.  Thus,  C  shuttles  back  and  forth  between  the 
two  membrane  interfaces  and  facilitates  the  transport  of  A.  The  net 
transport  of  C  is  equal  to  that  of  AC  but  in  opposite  direction. 

The  selectivity  of  the  membrane  is  greatly  enhanced  by  the  above 
process,  because  component  A  permeates  through  the  membrane  both  by 
facilitated  transport  and  by  “passive"  transport  (Ftckian  diffusion  without 
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chemical  reaction),  whereas  component  B  permeates  only  by  passive 
transport.  The  reaction  between  A  and  C  can  be  accelerated  by  addition 
of  a  suitable  catalyst. 

Facilitated  transport  in  synthetic  membranes,  which  mimics  a  similar 
process  in  biological  membranes,  was  studied  by  Ward  (53-57)  and  by 
other  investigators  [see  (12)  for  pertinent  references).  It  is  beyond  the 
scope  of  this  paper  to  discuss  the  mechanism  of  facilitated  transport, 
which  has  been  reviewed  elsewhere  (58,  59),  or  the  various  modifications 
of  this  process  (12).  Facilitated-transport  membranes  have  been  developed 
for  CK,  COj,  CO.  HjS.  NO,  and  olefins,  but  all  suffer  from  n  variety  of 
limitations  (12).  and  therefore  have  not  found  as  yet  any  practical 
applications.  The  facilitated  transport  of  Oi  is  particularly  important  in 
air  separa.ion,  because  solid  polymer  membranes  have  relatively  low 
separation  factors  (*(0;/N:)  s  6).  A  facilitated-transport  membrane  for 
0»  with  o’(0;/N; «» 3(1,  yielding  over  80%  G>.  has  been  developed 
recently  (60).  The  practical  lifetime  of  this  membrane  was  limited  to  a 
few  weeks  at  ambient  temperature,  or  to  3  months  at  -10JC.,  because 
the  carrier  (a  metal-organic  complex)  oxidized  irreversibly  and  lost 
gradually  its  chemical  activity. 


VI.  FUTURE  DEVELOPMENTS 

The  prediction  of  future  developments  in  membrane  separation  processes 
is  fraught  with  danger,  because  these  developments  will  depend  as  much 
on  uncertain  economic  factors,  such  as  the  cost  of  energy,  as  on  techno¬ 
logical  factors.  For  example,  who  would  have  predicted  in  1972  that  the 
cost  of  oil  would  quadruple  in  the  interval  of  one  year? 

Membrane  separation  technology  hus  made  remarkable  progress  in  the 
last  two  decades.  The  principles  of  membrane  process  and  equipment 
design  arc.  now  well  understood,  and  have  been  tested  on  a  large  scale 
under  field  conditions.  New  membrane  processes  for  the  separation  of 
gases  will  undoubtedly  emerge  in  the  coning  years.  However,  the  rate  of 
progress  of  the  last  20  years  will  be  sustained  only  if  more  highly  gas- 
selective  and  permeable  membranes  than  available  at  present  can  be 
synthesized.  This  will  require  that  significant  progress  be  made,  in  turn, 
in  our  understanding  of  the  relationships  between  the  chemical  structure 
of  polymers  and  their  gas  permeability. 

The  prior  discussion  should  have  made  it  clear  that  the  selection  of  a 
polymer  membrane  for  the.  separation  of  a  specific  gas  mixture  is  based  at 
present  on  rather  primitive  considerations.  Usually,  a  process  simulation 
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coupled  with  a  preliminary  economic  analysis  first  establishes  what  selec¬ 
tivity  and  permeability  the  membrane  must  exhibit  in  order  to  ensure  the 
economic  viability  of  the  process.  A  search  is  then  made  in  the  literature, 
or  in  whatever  data  base  is  available,  for  a  membrane  with  the  desired 
properties.  If  such  a  membrane  indeed  exists  it  is  likely  to  be  in  the  glassy 
polymer  state  because,  as  mentioned  earlier,  glassy  polymers  are  more 
gas-selective  than  rubbery  ones  (6,  7).  However,  glassy  polymers  also 
exhibit,  in  general,  a  low  intrinsic  permeability  (i.e.  low  values  of  the 
permeability  coefficient  P).  Therefore,  in  order  to  obtain  the  desired 
rate  of  gas  permeation,  the  selected  membrane  will  have  to  be  used  in 
symmetric  or  composite  form. 

It  is  more  likely,  however,  that  no  membrane  endowed  with  all  the 
required  properties  will  be  found  to  exist.  The  desired  membrane  must 
then  be  synthesized  by  the  polymer  chemist.  The  relationships  between 
the  chemical  structure  of  polymers  and  their  selectivity  and  permeability 
to  different  gases  is  not  well  understood.  Therefore,  the  structure  of  new 
membranes  with  specified  permeability  characteristics  can  be  found  at 
present  only  based  on  some  qualitative  observations  (5,  12,  61),  on  some 
scmiempirical  but  useful  solubility  and  diffusivity  correlations  (c.g.  ref, 
(62)].  and  on  considerable  trial-and-crror. 

Finally,  it  has  been  shown  earlier  that  the  gas-selectivity  of  polymer 
membranes  varies  inversely,  in  general,  with  their  intrinsic  permeability. 
Can  polymers  that  exhibit  both  a  high  selectivity  and  a  high  permeability 
be  synthesized?  Table  III  suggests  that  this  might  be  possible.  For 
example,  Japanese  investigators  (63)  have  recently  developed  an  acetylenic 
polymer,  poly(l-(trymothylsilyl)-l-propyne)|  (PMSP),  that  exhibits  a  gas 
permeability  (toward  O;.  N2.  C02,  CH4.  and  He)  that  is  about  an  order 
of  magnitude  higher  than  that  of  silicone  rubber  (PDMS).  It  was  pre¬ 
viously  thought  that  PDMS  was  the  most  gas-permeable  polymer  because 
of  its  large  free  volume  and  the  flexibility  of  its  Si-0  bond.  By  contrast, 
PMSP  is  a  fairly  rigid  polymer  because  its  backbone  contains  alternating 
double  bonds.  It  is  particularly  interesting  that  the  02/N2  selectivity  of 
PMSP  is  about  equal  to  that  of  PDMS,  while  the  COj/CH4  selectivity  is 
higher. 

Table  III  aiso  shows  that  the  glassy  polymers  poly(mclhylpcntcne)  and 
poly(oxydimcthyl  phenylenc)  exhibit  a  higher  02  permeability  at  25°C 
than  rubbery  polyethylene  and  butyl  rubber,  and  as  high  a  permeability 
as  that  of  Buna  S.  At  the  same  time,  the  02/N2  selectivity  of  the  two 
glassy  polymers  is  higher  than  that  of  the  three  rubbery  polymers.  Clearly, 
much  remains  to  be  learned  in  this  field. 

Significant  efforts  are  being  made  at  present  in  a  number  of  acudemic 
and  industrial  laboratories  to  advance  the  materials  science  of  gas 
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separation  membranes.  These  efforts  should  reseif  in  important  new 
developments  in  membrane  technology  for  gas  separations. 

ADDENDUM:  A  detailed  study  of  recycle  permeators  has  recently  been 
reported  by  McCandles  (63). 
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